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Dynamic modelling of trickle bed reactor: Case study of arabinose oxidation 

Mouad Hachhach a, Vincenzo Russo a,b, Dmitry Yu. Murzin a, Tapio Salmi a,* 

a Åbo Akademi University, Laboratory of Industrial Chemistry and Reaction Engineering (TKR), Åbo-Turku FI-20500, Finland 
b Università di Napoli Federico II, Chemical Sciences, Complesso Universitario Monte S. Angelo, Napoli IT-80126, Italy   

H I G H L I G H T S  G R A P H I C A L  A B S T R A C T  

• Development of 3 phases dynamic 
trickle bed reactor model. 

• Developed model was used to study the 
arabinose oxidation. 

• Effect of shape and size of catalyst was 
studied numerically. 

• Model was successfully implemented in 
gProms.  
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A B S T R A C T   

Trickle beds are among the most used reactors in different sectors of chemical industries. In this work the aim 
was to develop a general heterogeneous multiscale model for continuous trickle bed reactors, which enables the 
calculation of instantaneous concentration and temperature changes as well as the stationary behaviour of the 
reactor. The model development was based on solving simultaneously both the energy and mass balances for the 
continuous gas and liquid phases and for the stagnant catalyst particles. Mass transfer coefficients and pressure 
drop equations from well-established correlations were used. The developed model is aimed to be as general as 
possible in order to be used as a framework for other kind of bed reactors and arbitrary reaction schemes. 

The model can be simplified taking into consideration only one or two phases, and in this case it was applied to 
catalytic sugar oxidation to sugar acid and the effect of catalyst shape and size was investigated. Simulation 
results revealed that complete sugar conversion was achieved only for small catalyst particles, also the length of 
the reactor affects the conversion of arabinose more than the residence time or the bed radius: in fact for much 
bigger particles the conversion can also be achieved for longer reactor beds.   

1. Introduction 

Currently, our society is facing many socio-economic and environ-
mental challenges that are directly or implicitly linked to our strong 

dependence on fossil feedstock which is the main cause of global 
warming with all its harmful effects. Thererfore it is necessary to shift to 
more clean and renewable feedstock which is biomass. As an analogy to 
classical refineries, biorefineries are industrial facilities that convert 
almost all kinds of biomass into valuable products such as biofuels and 
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chemicals [1]. Lignocellulosic biomass is of particular interest in the 
context of renewables, being the most abundant natural biomass glob-
ally with an approximate yield of about 200 billion tons [2] and being 
able to meet the requirements for both energy generation and produc-
tion of high value-added products. The use of lignocellulosic biomass 
avoids the very controversial competition with agricultural commodities 
since this feedstock is non-edible [3,4]. Lignocellulosic biomass consists 
of cellulose, lignin and hemicelluloses, the latter ones are known as the 
second most abundant carbohydrate material contributing to 25–35% of 
the dry weight of wood [5]. Typical hemicelluloses appearing in ligno-
cellulosic biomass are glucomannan, galactoglucomannan, arabinoga-
lactan and glucuronoxylan. Arabinogalactan is a hemicellulose 
composing up to 15% of the softwood of larch species (Larix sibirica) [6]. 
Controlled hydrolysis of arabinogalactan under mild conditions allows 
the obtention of the monomeric sugars galactose and arabinose which 
can be later converted to sugar acids using selective catalytic oxidation 
using a slurry reactor or a trickle bed reactor. The sugar acids are 
considered to be a high-value products due to their various applications, 
such as sequestering agents and binders, corrosion inhibitors, biode-
gradable chelators for pharmaceuticals and pH regulators. They are also 
used in the production of high-added value production synthetic poly-
mers, such as polyamides, polyesters, and hydrogels [7]. The market size 
for glucaric acid, for example, is worth 1.30 billion USD by 2025 with a 
Compound annual growth rate (CAGR) of 10.1% [8] . 

Trickle bed reactors can be defined as continuous three-phase bed 
reactors containing a packed bed of catalyst particles, where the liquid 
flows downwards [9]. Trickle beds offer several advantages because 
such as simplicity in operation, flexibility for a variety of materials, high 
catalyst loading per unit volume, and low capital and operating costs as 
well as relatively low energy consumption, higher gas conversion rates 
and productivities compared to tank and bubble column reactors 
[10–12]. Thanks to these properties trickle beds are used in diverse 
fields of chemical industries such petroleum, petrochemical, fine 
chemicals and biochemical industries [13,14]. 

The history of these kind of reactors can be traced back to the 18th 
century with early applications mainly in waste water treatment. Later 
on these reactors become quite popular in industrial production due to 
their previously mentioned unique properties and high production ca-
pacity: in fact the worldwide annual capacity of materials processed via 
trickle bed reactors is around 1.6 billion metric tons [11] which corre-
spond to a value of the order of $300 Billion/year in 1998 [15]. These 
numbers and the interest in trickle bed reactors are steadily increasing, 
which encourages to the development of the reactor technology in 

industrial plants. To achieve this objective, advanced mathematical 
modelling is required [16]. 

Modelling and simulation tools are nowadays frequently used for 
process design, optimization and scale-up [17], because they provide a 
reliable, inexpensive and rapid way to investigate the impact of design 
parameters on the overall process performance [18]. Most of the 
research dealing with trickle bed reactor modelling has been focused on 
small-scale reactors [19–22] or industrial scale ones in petrochemical 
applications [18,23,24]. In this work, we applied a generic approach to 
develop a comprehensive trickle bed reactor model, which was based on 
mass and energy balances and classical correlations for pressure drop 
and transport phenomena. The heterogeneous character of the model, i. 
e. the interaction of the gas and liquid phases with solid catalyst parti-
cles was in the focus of the work. A program code in gProms was written 
to solve the mass and energy balance equations numerically in a very 
efficient way. The obtained results can be used as framework for the 
modelling of various reaction systems as well as powerful tool to assist 
process design, scale-up and life cycle assessment for all possible re-
actions where trickle bed is an option. 

2. General model of the trickle bed reactor 

2.1. Model development 

The objective of this work was to develop a general model for mul-
tiscale three-phase catalytic trickle bed reactors enabling the computa-
tion the concentration and temperature fields at various locations and 
reaction rates. The local and instantaneous concentration and temper-
ature profiles were simulated by solving simultaneously the energy and 
mass balances of the different species inside the reactor tube. Because of 
the general characteristics, the model can be simplified by taking into 
consideration one or two phases only. The model was applied to the 
process of sugar oxidation to sugar acids. The model can be used for 
scale-up, too. 

2.1.1. Mass balances 
The concentration and temperature profiles inside the reactor (axial 

and radial locations) and in the catalyst particles were calculated by 
solving the mass and energy balances simultaneously together with 
semi-empirical correlations for pressure drop, fluid dynamics and ki-
netic laws. It was presumed that all the reactions occur inside the 
catalyst particles and thus the reaction rate term appears only in the 
mass balance of the solid. The active catalyst species is assumed to be 

Nomenclature 

α Exponent in catalyst activity function 
ηH2O Viscosity of water 
ΔHr Reaction enthalpy 
λp Particle heat conductivity 
λr, L Radial heat conductivity of liquid phase 
λr, G Radial heat conductivity of gas phase 
λz, L Axial heat conductivity of liquid phase 
λz, G Axial heat conductivity of gas phase 
ρcat Catalyst density 
ρL Density of liquid phase 
σH2O Surface tension of water 
A Arrhenius constant, pre-exponential factor 
a* Limiting activity factor 
asp Catalyst surface area-to-volume, asp = 3

Rp 

Ci,j Concentration of compound i in phase j 
CO2, S Saturation concentration of oxygen 

cp, cat Specific heat of catalyst 
cp, L Specific heat of liquid phase 
cp, G Specific heat of gas phase 
Deff,i Effective diffusivity of compound i 

dK Krisher-Kast hydraulic diameter, dK = 2Rp

̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅̅
16εp3

9π(1− εp2)
2

√

DL Diffusivity of arabinose in aqueous solution 
hw Wall heat transfer coefficient 
hGa Gas–liquid heat transfer coefficient 
k Rate constant 
L Reactor length 
m(O2) Molar mass of oxygen 
R Reactor radius 
Rp Particle radius 
PeL Peclet number of liquid phase 
PeG Peclet number of gas phase 
Tj Temperature of phase j  
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distributed evenly inside the catalyst particle. Similarly to previous ar-
ticles published by our group [19,21] the mass balances of gas phase 
shown in Eq. (1) affirms that the accumulation term is the sum of gas- 
liquid mass as well as axial and radial dispersion alongside the con-
vection terms. The state variables of the mass balances are the gas phase 
concentrations of each component i Ci, G(t,z, r) at the radial and axial 
locations r and z, respectively and at the time moment t. The remaining 
parameters (gas liquid mass transfer coefficient, dispersion coefficient, 
holdup) were calculated via well-established correlations from the 
literature as will be elaborated later. 

εG
∂Ci,G(t, z, r)

∂t
= − ki̇,La

(
C*

i,L(t, z, r) − Ci,L(t, z, r)
)

−
∂
(
uG(z, r)Ci,G(t, z, r)

)

∂z
+ εG Dz,G(z, r)

∂2Ci,G(t, z, r)
∂z2

+ εG Dr,G(z, r)

(
∂2Ci,G(t, z, r)

∂r2 +
1
r

∂Ci,G(t, z, r)
∂r

)

(1) 

The liquid-phase mass balance is shown in Eq. (2), in which the 
accumulation term is the net sum of gas-liquid mass transfer coefficient, 
in addition to the convection and axial and radial dispersion terms, and 
finally the mass transfer flux from/to the solid phase as the shown in the 
last term. The latter one is the solid-phase concentration of component i 
on the catalyst surface at the instant t and at the axial location z. Simi-
larly to the gas phase mass balance, the state variables are the liquid 
phase concentrations Ci, L(t,z, r) at the time t and at the axial and radial 
locations z and r, respectively. The key parameters needed to calculate 
the concentrations in the liquid phase are the holdup, liquid velocities, 
axial and radial dispersion coefficients, catalyst shape factor and effec-
tive diffusivity.   

Eq. (3) summarizes the mass balance for the solid phase: the state 
variable is the concentration of component i at the radial and axial lo-

cations r and z, respectively and within the catalyst particle at radial 
location rp . Similarly to the liquid phase mass balance, the concentra-
tion field depends on the effective diffusivity and shape factor and 
holdups (liquid and solid phase), moreover, the reaction term is 
included here consisting of catalyst density, ratio of holdups, stoichio-
metric coefficients and reaction rate. 

∂Ci,S
(
t, z, r, rp

)

∂t
=

Deff ,i

εp

(
∂2Ci,S

(
t, z, r, rp

)

∂rp
2 +

s
rp

∂Ci,S
(
t, z, r, rp

)

∂rp

)

+ ρcat

∑
(

ϑi,jrj
(
t, z, r, rp

) εL

εp

) (3)  

2.1.2. Energy balance 
In contrary to the mass balance, where the state variables were the 

concentrations of the components in each phase, the energy balance is 
issued to calculate the temperature of each phase. As an analogy to the 
mass balance, the accumulation term of the gas-phase energy balance is 
the net sum of the gas liquid heat transfer, convection, as well as axial 
and radial conduction and dispersion. The gas-phase temperature de-
pends on the axial and radial locations (z and r), and the key parameters 
include the radial and axial conductivities along with the dispersion 
coefficients as well as the gas phase velocity and density at the axial and 
radial directions, as shown in Eq. (4). 

∂TG(t, z, r)
∂t

=
− hGa

ρG(z, r)εGcp,G
(TG(z, r) − TL(z, r) ) −

∂(uG(z, r)TG(t, z, r) )
∂z

+

(

Dz,G +
λz,G

ρG(z, r)εGcp,G

)
∂2TG(t, z, r)

∂z2 +

(
∂2TG(t, z, r)

∂r2

+
1
r

∂TG(t, z, r)
∂r

)(

Dr,G +
λr,G

ρG(z, r)εGcp,G

)

(4) 

The energy balance of the liquid phase is summarized in Eq. (5), 
where gas-liquid and liquid-solid heat transfer effects are included. 
Similarly to the gas phase, the gas-liquid heat transfer, convection and 
both radial and axial conduction terms are presented, and heir net sum 

with the heat transfer from the solid phase results to the accumulation 
term.   

For the solid-phase energy balance, the accumulation term results 
from the radial heat conduction effect and reaction enthalpies involved, 
the state variable is the temperature at the radial and axial locations and 
inside the catalyst particle as written in Eq. (6), where only the particle 
conductivity was taken into consideration. This assumption motivated 
with the fact that the detailed heat conduction geometry in trickle bed 
reactors in the presence of particles with irregular pore structures is 
difficult to be determined. 

εL
∂Ci,L(t, z, r)

∂t
= ki̇,La

(
C*

i,L(t, z, r) − Ci,L(t, z, r)
)
− uL

∂
(
Ci,L(t, z, r)

)

∂z
+ εLDz,L

∂2Ci,L(t, z, r)
∂z2 + εLDr,L

(
∂2Ci,L(t, z, r)

∂r2 +
1
r

∂Ci,L(t, z, r)
∂r

)

−
s Deff ,i

Rp

∂Ci, s
(
t, z, r, rp

)

∂rp

⃒
⃒
⃒
⃒

rp=Rp

(2)   

∂TL(t, z, r)
∂t

=
hGa

ρLεLcp,L
(TG(z, r) − TL(z, r) ) − uL

∂TL(t, z, r)
∂z

+

(
λz,L

ρLεLcp,L
+ Dz,L

)
∂2TL(t, z, r)

∂z2 +

(
∂2TL(t, z, r)

∂r2 +
1
r

∂TL(t, z, r)
∂r

)(
λr,L

ρLεLcp,L
+ Dr,L

)

−
s λP

ρLεLcp,L Rp
∂TS
(
t, z, r, rp

)

∂rp

⃒
⃒
⃒
⃒
⃒

rp=Rp

(5)   
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∂TS
(
t, z, r, rp

)

∂t
=

λP

ρcatcp,p

(
∂2TS

(
t, z, r, rp

)

∂rp
2 +

s
rp

∂TS
(
t, z, r, rp

)

∂rp

)

+
εL

εpcp,p

∑(
( − ΔHr)rj

(
t, z, r, rp

) )
(6) 

Because some reactions, such as the selective oxidation of sugars 
reported by Kusema et al. [25] require a constant temperature profile, 
thus a jacket around the reactor was included to insure the desired 
temperature. The heat transfer between the reactor and the cooling 
jacket was also taken into consideration as shown in Eq. (7). The fluid 
flow was assumed to be high enough to maintain its temperature to be 
constant in all the radial and axial locations as shown in Eq. (8). 

Q(jacket) = UA(reactor)
∫ L

0
(T(reactor) − T(jacket) )dz (7)  

ρcooling fluidcp,cooling fluidVcolumn
∂T
∂t

= Fcooling fluidcp,cooling fluid(Tin − T)+Q (8) 

As the model is a combination of PDEs (1)–(6), it is of high impor-
tance to define the initial and boundary conditions since they have a 
high impact on both the accuracy of the results and the speed of getting 
numerical simulation results. The boundary and initial conditions for 
each phase are shown in detail in Eqs. (9)–(24). 

2.1.3. Gas phase boundary conditions  

1. Entrance 

Ci,G(t, 0,r) = Ci,G in TG(t, 0,r) = TG in (9)    

2. Outlet 

∂Ci,G(t, z, r)
∂z

⃒
⃒
⃒
⃒z=L = 0

∂TG(t, z, r)
∂z

⃒
⃒
⃒
⃒

z=L
= 0 (10)    

3. Centre 

∂Ci,G(t, z, r)
∂r

⃒
⃒
⃒
⃒r=0 = 0 ∂TG(t, z, r)

∂r

⃒
⃒
⃒
⃒

r=0
= 0 (11)    

4. Wall 

∂Ci,G(t, z, r)
∂r

⃒
⃒
⃒
⃒r=R = 0

∂TG(t, z, r)
∂r

⃒
⃒
⃒
⃒

r=R
= 0 (12)  

2.1.4. Liquid phase boundary conditions  

5. Entrance 

Ci,L(t, 0,r) = Ci,L in TL(t, 0,r) = TL in (13)    

6. Outlet 

∂Ci,L(t, z, r)
∂z

⃒
⃒
⃒
⃒z=L = 0 ∂TL(t, z, r)

∂z

⃒
⃒
⃒
⃒

z=L
= 0 (14)    

7. Centre 

∂Ci,L(t, z, r)
∂r

⃒
⃒
⃒
⃒r=0 = 0

∂TL(t, z, r)
∂r

⃒
⃒
⃒
⃒

r=0
= 0 (15)    

8. Wall 

∂Ci,L(t, z, r)
∂r

⃒
⃒
⃒
⃒

r=R
= 0 − λr,L

∂TL(t, z, r)
∂r

|r=R = hw(TL(z,R) − Twall )) (16)  

2.1.5. Solid phase boundary conditions  

9. Particle centre 

∂Ci,S(t, z, r, rp)
∂rp

⃒
⃒
⃒
⃒rp=0 = 0 ∂TS(t, z, r, rp)

∂rp

⃒
⃒
⃒
⃒

rp=0
= 0 (17)    

10. Particle surface 

Ci,S
(
t, z, r,Rp

)
= Ci,L(t, z, r) TS

(
t, z, r,Rp

)
= TL(t, z, r) (18)    

11. Entrance 

Ci,S
(
t, 0,r, rp

)
= Ci,S in TS

(
t, 0,r, rp

)
= TS in (19)    

12. Outlet 

∂Ci,S
(
t, z, r, rp

)

∂z

⃒
⃒
⃒
⃒z=L = 0

∂TL
(
t, z, r, rp

)

∂z

⃒
⃒
⃒
⃒

z=L
= 0 (20)    

13. Centre 

∂Ci,S
(
t, z, r, rp

)

∂r

⃒
⃒
⃒
⃒r=0 = 0 ∂TS(t, z, r)

∂r

⃒
⃒
⃒
⃒

r=0
= 0 (21)    

14. Wall 

∂Ci,S
(
t, z, r, rp

)

∂r

⃒
⃒
⃒
⃒

r=R
= 0 − λr,L

∂TS
(
t, z, r, rp

)

∂r
⃒
⃒r=R = hw

(
Ts
(
z,R, rp

)
− Twall

))

(22) 

The boundary conditions for the liquid and gas phases comprise the 
feed concentrations and temperature at the reactor entrance, as well as 
their axial and radial derivatives at the reactor outlet and at its centre 
and wall as shown by the above equations. For the solid phase, besides to 
the previous conditions, the radial derivatives of the concentrations and 
temperature at the particle centre in addition to the values of the con-
centration and temperature at the particle surface are included. The 
closed boundary conditions of Danckwerts are applied at the reactor 
outlet, while at the entrance the plug flow condition are used due to the 
downward gravity of the inlet flows. The initial concentrations of the 
feed are given below, 

CArab,G(t, z, r) = 0 mol/m3 CArab,L(t, z, r) = CArab,S(t, z, r, rp)

= 0.7.103 mol/m3 (23)  

CO2 ,L(t, z, r) = CO2 ,S(t, z, r, rp) = 0 mol/m3 CO2 ,G(t, z, r, rp)

= 0.1012 mol/m3 (24)  

Ts(t, z, r, rp) = TL(t, z, r) = TG(t, z, r) = 70+ 273 K (25) 

The initial conditions are summarized in Eqs. (23)–(25). In our case 
for the application and validation purposes, the selective oxidation of 
arabinose reported in the articles of Herrero Manzano et al. and Kusema 
et al. [25,26] was taken as a demonstration case, thus the values above 
were extracted from the work of Herrero Manzano et al. (2021) [26] . 
The objective is to compute the conversion rate of arabinose, the con-
centration profiles of the different species and the temperature profile 
inside the trickle bed reactor. 

2.2. Parameter estimations 

In the mass and energy balances, the some of the key parameters 
were calculated using well established correlations. The catalyst shape 
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factor appears in the mass and energy balances of the catalyst particle. 
The particle geometry was taken into consideration [27] by using Eq. 
(26) proposed by Salmi et al. [28], where Vp and Ap are the volume and 
the outer surface area of the catalyst particle respectively. It should be 
noticed that non-integer numbers of the shape factor can appear for 
particles deviating from ideal geometry (long cylinder, sphere, slab) 

s = 1+Rp
Ap
Vp

(26) 

One of the key parameters to be estimated are the molecular and 
effective diffusivities. The molecular diffusivity is calculated using 
Wilke-Chang correlation [29], while the effective diffusivity is obtained 
by correcting the molecular diffusivity by the ratio of tortuosity and 
porosity, in our case more accurate values are reported in ref. [26] . 
Concerning the liquid viscosity, which is required for the estimation of 
Reynolds number, the correlation adopted in Eq. (27) was based on 
arabinose hydrogenation previous studies [30] and taking into account 
the dependence of the viscosity on both temperature and arabinose mass 
fraction xa. 

ηfluid =10− 3exp

(
1.54xa

TL in − 273
+ 3.81.10− 4x2

a − 1.10.10− 2xa − 2.85

+
194

TL in − 273
−

3890
(TL in − 273)2

) (27) 

The gas-liquid mass transfer coefficient is included in the mass bal-
ance as shown in Eqs. (1) and (2). Eq. (28) extracted from ref. [11] was 
adopted here. The correction factor γ was included to take into consid-
eration the inaccuracy of the gas-liquid mass transfer coefficient as re-
ported in ref. [19]. The expressions for various dimensionless numbers 
are summarized in Table 1. 

ki̇La = 0.45γ
(

dK

dK
2

)
(
XG

0.65ReL
1.04WeL

0.26ScL
0.65)

(
asp dK

1 − εp

)0.325

(28) 

Peclet number is a dimensionless quantity used in axial and radial 
dispersion models for non-dimensionalisation of analytical and numer-
ical solutions. It reflects the characteristic ratio of convective transport 
rate to diffusive and dispersive transport rate [31], also it is beneficial to 
retain it for solution stability for numerical solutions. Among the 
existing correlations used to compute the Peclet number the most pop-
ular is the Chung and Wen correlation [32] it is quite popular since it 
used large amounts of experimental data to generate it; in 1970 De Ligny 
[33] improved the correlation by including molecular diffusion. 

The axial dispersion coefficients for the liquid phase are usually 
obtained experimentally with the aid of inert tracers. In our laboratory, 
across the years, numerous experiments have been performed which has 
guided us to estimate the order of magnitude of the axial dispersion 
coefficient, while the radial dispersion is typically less profound and 
thus often neglected in classical dispersion models. The axial dispersion 
coefficient was in the current case calculated using the Peclet number as 
shown in Eqs. (29)–(30), while the radial dispersion coefficient was 
taken equal to one third of the axial one as shown in the Eqs. (31)− (32) 
following the considerations reported previously [19]. According to our 

previous work [21,34] the order of magnitude of the liquid phase Peclet 
number was 2–10, while for the gas phase the Peclet number can reach 
100,because the flow pattern might approach plug flow with an excess of 
gas flow. For numerical simulations, the liquid-phase Peclet number was 
taken 10 indicating some degree of backmixing. 

Dz = uL.
L

PeL
(29)  

Dz,G(z, r) = uG(z, r).
L

PeG
(30)  

Dr =
Dz

3
(31)  

Dr,G =
Dz,G(z, r)

3
(32) 

The gas phase velocity is calculated using Eq. (34) where the cross 
section area A is constant and that gas molar flow FG stays constant since 
the liquid phase is saturated with O2 already. 

CG(z, r) =
FG

A*uG(z, r)
at t ∕= 0 and CGin =

FG

A*uG0
at t = 0 (33) 

After dividing the previous equation with the value at t = 0 we find 

uG(z, r) = uG,0
CGin

CG(z, r)
(34) 

The pressure drop was calculated using the correlation proposed by 
Ellman et al. (1988) [35] shown in Eq. (35) which has also been reported 
by Degirmenci and Rebrov (2019) [36]. The choice of such a correlation 
was driven by its has application range (0.1–10 MPa) and also by the fact 
that the pressure drop along the whole reactor was not influenced by the 
gas flow rate, thus the residence time and the liquid holdup at steady 
state remained unchanged either starting from a fully liquid-filled or 
fully gas-filled reactor [35,36] . 

ΔP(z, r)
L

=
ρG

Rp
uG(z, r)2

(
200 (ξXG(z, r) )− 1.2

+ 85(ξXG(z, r) )− 0.5
)

(35)  

where ξ =
ReL

2

0.001 + ReL
1.5 

Noteworthy, to have a more accurate pressure drop calculation, Eq. 
(35) can be replaced by a corresponding differential equation and then 
solved together with mass and energy balances. However, for the sake of 
simplification, our case study was focusing on arabinose oxidation 
which is performed under atmospheric pressure and thus the pressure is 
maintained virtually constant, and the pressure drop term is included in 
the model. 

The liquid hold up can be calculated using the correlation proposed 
by Lange et al. (2005) [37] . However, for very low liquid velocities, the 
liquid holdup is a weak function of the Reynolds number being constant 
and practically independent of the gas-phase Reynolds number, and thus 
for the verification, the typical value of 0.3 was adopted. The bed 
porosity εBwas taken equal 0.4 for extrudates and 0.35 for powder as 
reported by Ranade et al. (2011) [11] and therefore the solid phase 
liquid holdup is easily calculated using Eq. (36). 

εp + εB = 1 (36)  

2.3. Basic assumptions 

The combination of heat and mass transfer and heat conduction in 
the presence of catalyst particles with irregular shapes makes the 
rigorous modelling of three-phase catalytic trickle bed reactors a 
complicated task, thus some simplifications are introduced and some 
assumptions become inevitable. 

In the present it was assumed that the wall is completely wet and the 

Table 1 
Dimensionless numbers appearing in the model.  

Dimensionless numbers Expression 

Reynolds number for liquid phase ReL =
uL ρL
ηfluid 

Schmidt number for liquid phase ScL =
ηfluid

ρLDL 

Weber number for liquid phase WeL =
2RpρLuL

σL 
Modified Lockhart Martinelli number 

XG =
uG

uL

̅̅̅̅̅
ρg

ρL

√
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initial liquid feed is well distributed by the means of a fine sand bed 
distributor and the liquid-phase velocity remains constant, also the 
catalyst distribution in the bed was supposed to be uniform, and finally, 
all the three phases coexist everywhere in the reactor bed [19]. Also, it is 
worth mentioning that according to ref. [37], the holdup at low inter-
action regimes is a weak function of the Reynolds number and thus it can 
be considered constant. 

2.4. Reaction kinetics 

The reaction stoichiometry of the selective arabinose oxidation to 
arabinoic acid on gold catalyst is shown in Eq. (37). The reaction kinetics 
has been extensively studied previously [25,26,38]. The kinetics was 
described using a classical Langmuir–Hinshelwood rate equation dis-
played in Eqs. (38)–(39), but including a deactivation factor a which 
describes the disappearance of the active sites because of leaching of the 
active metal as described by Eq. (40), where α t is an empirical exponent 
and C00 denotes the total concentration of active sites at time moment t; 
for simulation purposes the case of C00 = 1 is considered. The kinetic 
expression and the numerical values were adopted from ref. [26], where 
the rate constant was calculated using Arrhenius law as shown in Eq. 
(40). 

Arabinose+
1
2
O2→Arabinoic Acid (37)  

r
(
t, z, r, rp

)
= a2k(t, z, r, rp)factiveCO2,s

(
t, z, r, rp

)
CAra,s

(
t, z, r, rp

)

1 + KaraCAra,s
(
t, z, r, rp

)
+ KO2CO2,s

(
t, z, r, rp

) (38)  

k(t, z, r, rp) = A.exp
(

−
Ea
R

(
1

Ts(t, z, r, rp)
−

1
Tref

))

(39)  

da
dt

= − kC00
α− 1(a − a*)α (40)  

2.5. Numerical strategy 

The software gProms was used for the simultaneous numerical so-
lution of the model equations. gProms is a custom modelling and 
simulation environment applied mainly on the modelling, design and 
optimization of chemical processes. It is developed by Process Systems 
Enterprise, which has its roots in the Department of Chemical Engi-
neering at Imperial College in London, UK. The numerical method of 
lines was used, which involves the discretisation of the distributed sys-
tem with respect for the all the spatial domains to transform a systems of 
integral, partial and ordinary differential, and algebraic equations 
(IPDAEs) to a set of differential algebraic equations (DAEs) [39]. The 
numerical methods of lines is known to work quite well with scalars. The 
discretization method used in this work was centred finite difference 
method (CFDM). 

3. Simulation results and discussion 

3.1. Effect of catalyst shape and size on conversion at the reactor outlet 

The dynamic model of the trickle bed reactors developed in this work 
was applied to describe arabinose oxidation in the presence of gold 
catalyst. The oxidation rate expression and catalyst characteristics were 
adapted from ref. [26] .The physical properties and reactor character-
istics are listed in Table 2. 

The effects of the variation of the catalyst particle shape and size are 
illustrated in Fig. 1, where a decrease of the conversion rate is observed 
when increasing the particle size, which is due to the fortification of the 
mass transfer resistance, i.e. slow mass transfer inside the catalyst par-
ticles and also existence of external mass transfer limitations around the 
particles. High conversion rate of arabinose is achieved for the small 

Table 2 
List and values of parameters used in the TBR simulation.  

Parameters Value Unit Refernces 

ρcat: Catalyst density 424 kg/m3 [19] 
ρL: Density of liquid phase 950 kg/m3 [19] 
m(O2): Molar mass of oxygen 32 g/mol [19] 
σH2O: Surface tension of water 72.8 10− 3 N/m [19] 
ηH2O: Viscosity of water 0.2 10− 3 Pa s [19] 
Cp, cat: Specific heat of catalyst 3000 J/kg K [19] 
Cp, L: Specific heat of liquid 

phse 
4300 J/kg K [19] 

Cp, G: Specific heat of gas phase 918 J/kg K [19] 
α: Exponent in catalyst activity 

function 
1  [26] 

a*:Limiting activity factor 0.47282  [26] 
A: Arrhenius constant 53.99 m6/mol 

kgcat 
[26] 

PeL: Peclet number of liquid 
phase 

10  [19] 

PeG: Peclet number of gas phase 100  [19] 
λr, L: Radial heat conductivity of 

liquid phase 
2 W/ K m [19] 

λr, G: Radial heat conductivity 
of gas phase 

0.1 W/ K m [19] 

λz, L: Axial heat conductivity of 
liquid phase 

2 W/ K m [19] 

λz, G: Axial heat conductivity of 
gas phase 

0.1 W/ K m [19] 

λp: Particle heat conductivity 0.5 W/ K m [19] 
(− ΔHr): Reaction enthalpy 32.94.103 J/mol Calculated using 

Aspen Plus 
hGa: Gas–liquid heat transfer 

coefficient 
1,000,000 W/ K m3 [19] 

hw: Wall heat transfer 
coefficient 

1000 W/ m2 K [19] 

DL: Diffusivity of Arabinose in 
water 

4 10− 8 m2/s [26] 

Effective diffusivity (Deff) of 
Arabinose 

2.474 
10− 9 

m2/s [26] 

Effective diffusivity (Deff) of O2 9.851 
10− 9 

m2/s [26] 

Effective diffusivity (Deff) of 
Arabinoic Acid 

2.403 
10− 9 

m2/s [26] 

CO2S:Saturation concentration 
of oxygen 

0.103 mol/m3 [26] 

L: Reactor length 0.5 m  
R: Reactor radius 5 cm   

Fig. 1. Effect of catalyst shape and size on the conversion of arabinose at the 
reactor outlet. 

M. Hachhach et al.                                                                                                                                                                                                                             



Powder Technology 425 (2023) 118608

7

powder sizes (65 and 371 μm), while for the extrudates it remains at ca. 
25% and ca.60% for catalyst powder with average size of 732 μm. The 
same trend of the effect of the same powder size and extrudates is 
observed experimentally in the work of Herrero Manzano et al. [26] 
with the sole exception is the extrudates eventually have higher con-
version rate due to the use of special device that supresses external mass 
transfer. 

The concentrations of the different species across the time in the 
liquid phase are shown in detail in Figs. 2–5. The steady state oxygen 
concentration remains constant 0.102 mol/m3 and is thus very small in 
comparison to the arabinose and arabinoic acid concentrations, which 
goes along with real life situation; in fact, in larger scale, air is used 
instead of oxygen in the oxidation processes and in our case the atmo-
spheric pressure is applied because thus it is easy to control the gas phase 
flow. 

In Figs. 2–3, the reaction is limited by the consumption of the reac-
tant, arabinose, and the steady state conversion is reached faster than for 
larger particles which is due to the suppression of mass transfer resis-
tance. However, the steady state and complete conversion of arabinose 
is reached slightly faster for the 371 μm powder catalyst than for the 
smallest one, which might be due to the fact that for really small 

particles the instability of the catalyst can be an issue [40] in addition to 
the eventual numerical instability that should be taken into account. 

For larger particles, e.g. Figs. 4 and 5, complete conversion is not 
achieved at the reactor outlet instead, the concentration of arabinoic 
acid is varying lot (ca. 42 m3/mol vs 17 m3/mol), however the reaction 
reaches the steady state simultaneously but with a slower dynamics 
comparing with smaller particles. The pressure drop was very low (ca. 0 
bar), which is expected in this case study, where the reaction is carried 
out in atmospheric pressure. 

3.2. Effect of location, catalyst shape and size 

The arabinose conversion and temperature profiles across the radial 
and axial position for each catalyst size and shape are shown in Fig. 6. 

The conversion was investigated across the reactor as a function of 
time as shown in Fig. 6: the conversion is proportional to both the 
simulation time and the axial position. It is however observed that the 
axial position influences the conversion more compared to the simula-
tion time. 

In contrast to the axial location effect, Fig. 7 reveals that the radial 
position has a small effect on the conversion rate comparing to the axial 

Fig. 5. Concentrations of different species at the reactor outlet using catalyst 
extrudates (l = 4 mm and r = 1 mm). 

Fig. 2. Concentrations of different species at the reactor outlet using powder 
catalyst (65 μm). 

Fig. 3. Concentration of different species at the reactor outlet using powder 
catalyst (371 μm). 

Fig. 4. Concentrations of different species at the reactor outlet using powder 
catalyst (732 μm). 
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one. In fact, across the radial positions, the same conversion rate 
behaviour as a function of time is observed: a practically linear increase 
until reaching the maximum value of the sugar conversion at steady 
state. 

Figs. 8 and 9 summarize the effect of both axial and radial positions 
on the dynamic conversion at the reactor outlet and centre for the bigger 
particle size (371 μm). The results are similar to the previous case, 
because almost complete conversion is achieved at the steady state. 
However, when looking more closely at the simulated results, more time 
and shorter reactor is needed to achieve the steady state at both the 
reactor outlet and the centre. Comparing to the previous case, complete 
conversion is observed before the reactor outlet and thus for this powder 
catalyst the almost complete conversion is achieved using a shorter bed. 

For the simulations presented in Figs. 10 and 11 the catalyst size was 
increased more (731 μm). In contrary to the previously mentioned cases, 
the conversion is limited to ca. 60%. Fig. 11 shows that the radial po-
sition has no effect on the conversion rate and that the steady state is 
achieved more slowly compared to than previous cases. The axial po-
sition, on the other hand, has a higher effect on the conversion rate as 

revealed in Fig. 10 and the steady state is not achieved at the reactor 
outlet even by increasing the simulation time.This observation suggests 
that a longer bed is required to increase the conversion rate. 

The effect of the catalyst shape was investigated numerically, by 
similarity to the behaviour of cylindrical extrudates. The obtained re-
sults are summarized in Figs. 12 and 13, which are similar to the pre-
vious cases. The maximum conversion was ca. 25% which is lower than 
for the powder. Similarly to the previous case, Fig. 12 shows that the 
steady state is not reached while it is attained in Fig. 13; thus the con-
version rate can be increased by increasing the length of the reactor 
only. 

The simulation results of the energy balance for all the studied cases 
are summarized in the temperature profiles shown in Figs. 6–13. Various 
trends were observed, in fact both single peaks and steady state are 
observed in the figures. However, the temperature difference between 
the highest and lowest value are less than 14 K which confirms the 
isothemal conditions of the reaction and is in agreement with experi-
mental findings of [26]. 

Fig. 6. Effect of axial position on the conversion rate and temperature (powder 65 μm) at reactor centre.  

Fig. 7. Effect of radial position on conversion rate and temperature at reactor outlet (powder 65 μm).  
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Fig. 9. Effect of radial position on conversion and temperature at reactor outlet (powder 371 μm).  

Fig. 10. Effect of axial position on the conversion and temperature at reactor centre (powder 732 μm).  

Fig. 8. Effect of axial position on conversion and temperature at reactor outlet (powder 371 μm).  
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Fig. 12. Effect of axial position on conversion and temperature at reactor centre (extrudates).  

Fig. 13. Effect of radial position on the conversion and temperature at reactor outlet (extrudates).  

Fig. 11. Effect of radial position on the conversion and temperature at reactor outlet (powder 732 μm).  
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4. Conclusions 

The main objective of this work was to develop a general and dy-
namic model for three-phase trickle bed reactors. The model includes an 
extensive amount of elements to take into account all the major effects 
and to be as general as possible so that the model can be used as a 
framework for other reaction system in future. 

For the case study, arabinose oxidation, the results showed that the 
maximum reactant conversion depends strongly on the size of the 
catalyst particle. The smallest catalyst particle size (65 μm) allows a 
rapid conversion but required a relatively long reactor, while for the 
larger particles (371 μm) the process is a bit slower because of mass 
transfrer limitations. The other catalyst sizes and shapes did not give a 
complete reactant conversion at the reactor outlet. However, the simu-
lated profiles indicated that a high conversion can be achieved for a 
much longer reactor. 

The obtained results illustrate a quite interesting modelling stability 
that might pave the way to the investigation of a sound scale up by 
including multiscale heat transfer correlations and analysing the life 
cycle of various reaction systems in a larger scale, although more ac-
curate simulations might require further kinetic and flow experiments 
using trickle bed reactors. 
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