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Abstract

An advanced comprehensive and transient multiphase model for a trickle bed reactor

with solid foam packings was developed. A new simulation model for isothermal

three-phase (gas–liquid–solid) catalytic tubular reactor models was presented where

axial, radial, and catalyst layer effects were included. The unique feature of this model

is that the material balances include most of the individual terms (i.e., internal diffu-

sion, gas–liquid, and liquid solid mass transfer, kinetics) for solid foam packing which

is seldom done. Hydrogenation of arabinose and galactose mixture on a ruthenium

catalyst supported by carbon-coated aluminum foams was applied as a fundamentally

and industrially relevant case study. Parameter estimations allowed to obtain reliable

and significant parameters. The effect of the kinetic parameters and the operation

conditions on the arabinose and galactose conversions was studied in detail by sensi-

tivity analysis. The model described is applicable for other three-phase continuous

catalytic reactors with solid foam packings.

K E YWORD S

gPROMS, kinetics, mass transfer, open cell foam catalyst packing, structured catalyst, trickle
bed reactor

1 | INTRODUCTION

Energy-efficient technologies have been an aspiration for the chemi-

cal industries, especially the design of chemical reactors. Structured

catalysts play an important role to achieve this purpose. Several types

of structured catalysts have been invented and investigated in recent

years, such as monoliths, fibers, solid foams as well as structures pre-

pared by three-dimensional (3D) printing. In a broad sense, many milli-

and microreactors can be regarded as structured catalytic reactors.

The characteristic feature for a structured chemical reactor is that the

solid catalyst is kept immobile by fixing the catalyst carrier on the

walls of the reactor channel (e.g., monolith and microreactor channels)

or by installing the structured catalyst as an integrated part of the

reactor tube.

For catalytic three-phase systems (solid catalyst, gas phase, and

liquid phase) the even distribution of the gas and liquid phases is a

challenge for classical structured catalysts, such as monoliths. The dis-

tribution problem can be solved with tailored structures in laboratory

scale, but the process scale up is demanding, because reliable and

inexpensive distribution systems are required. Therefore, the interest

in randomly organized structured catalysts, such as solid foams is

growing. Simply speaking, if the solid catalyst itself is random, there is

a hope that it helps to randomize the gas and liquid flows through the

reactor. Solid foams have been originally proposed for heat exchange,
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but in the recent years the interest in solid foam scaffolds for hetero-

geneous catalysts has been growing all over the world.

Due to the fact that solid foam catalysts provide a high porosity

(75%–95%) and a high specific surface area, open cell foam catalyst

packings have recently been investigated as an alternative for catalyti-

cally active reactor packings. Enhanced mass and heat transfer,

suppressed pressure drop and high specific surface area are important

features of the solid foam packings.1–9 Furthermore, the structures of

pores and struts in open cell foams allow radial liquid flow and local tur-

bulence which result in enhanced mass and heat transfer. In comparison

with particle packings, solid foams have higher overall mass and heat

transfer rates. Also, axial and radial mixing are improved by the high pore

tortuosity of solid foams.10,11 Thin catalyst layers (typically <<10 μm)

used in solid foams improve the internal mass transfer in the catalyst

pores, which leads to higher effectiveness factors compared with catalyst

pellets with thicker catalyst layers (up to 1 cm). Based on the characteris-

tic features mentioned, open cell foam catalysts are valuable as reactor

packing materials and beneficial for continuous tubular reactors.

In this work, advanced multiphase modeling and simulation of the

hydrogenation of arabinose and mixture of arabinose and galactose in

a tubular reactor packed with open cell aluminum foam catalysts were

developed. The catalyst was ruthenium on active carbon coating

(Ru/C) on the surface of aluminum foam.12 The system has been stud-

ied for reactor performance characterization and mass transfer

measurements.13–15 Tubular reactor with a diameter of 11 mm and

bed length of 33 mm equipped with open cell aluminum foam was

applied for the modeling (Figure 1). The foams had a pore density of

40 PPI. The experimental results have been discussed in a previous

article published by our group.8

Three-phase catalytic tubular reactor models were developed for

solid foam packings. The unique feature of this model is that the gas, liq-

uid and solid phase mass balances include most of the individual terms

such as internal diffusion, gas–liquid and liquid solid mass transfer and

intrinsic kinetics. Furthermore, the gas and liquid flows are described by

axial and radial dispersion terms along with liquid hold-up and pressure

drop expressions. Previous studies and review articles have been publi-

shed for this kind of modeling approach for a trickle bed reactor

(TBR).13,16 We have developed a fast running two-dimensional

(2D) model and gPROMS software (Process System Enterprise) was used

for the implementation. Compared with models based on computational

fluid dynamics (CFD) which demands heavy computations for multiple

parameter estimation purposes,17–19 gPROMS provides fast computa-

tions and parameter estimation results at a reasonable time.

2 | MODELING PRINCIPLES AND MODEL
EQUATIONS

2.1 | Models for continuous trickle bed reactor
with open cell foam packing

Besides the intrinsic kinetics and flow pattern, the heat and mass

transfer effects are critical issues in the mathematical modeling of

solid foam structures. Heat and mass transfer resistance can appear

at the gas–liquid interface, at the liquid–solid interface as well as

inside the pores of the catalyst layer. The transport resistances at

the gas–liquid and liquid–solid interfaces depend strongly on the

flow conditions, that is, on the Reynolds number. At low velocities

the Reynolds number is low which implies that the Sherwood and

Nusselt numbers are low and, consequently, the heat and mass

transfer coefficients obtain low values. Many organic reactions

applied in the production of fine and specialty chemicals and ingredi-

ents in alimentary products, are slow, which means that rather long

residence times in the reactor are necessary to obtain a high conver-

sion. Long residence times often imply low flow velocities in the

reactor.

The impact of the internal mass transfer effects, on the other

hand, depends on the ratio of the reaction and diffusion rates and the

thickness of the catalyst layer. A common statement for catalytic pro-

cesses carried out in structured reactors with thin catalyst layers (typi-

cally 50 μm or less) is that the internal mass transfer resistance in the

catalyst pores is negligible. However, the role of internal mass transfer

can become prominent even for thin catalyst layers if the chemical

reaction is rapid and diffusion is slow. Therefore, two different ver-

sions of the mathematical model are treated in detail in this study: a

F IGURE 1 Continuous tubular reactor system: trickle bed with a
cylindrical solid foam packing
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simplified model, where the gas–liquid and liquid–solid mass trans-

fer resistance is considered and an advanced model, which includes

the internal mass transfer resistance, too. Catalytic hydrogenation

of sugars to sugar alcohols is taken as the case study. Because the

experiments were carried out with dilute solutions of the sugars

and the reaction enthalpy of sugar hydrogenation is moderate

(�82.0 � 103 J/mol),13 the treatment is limited to isothermal cases.

The system is schematically illustrated in Figure 2.

3 | SIMPLE MODEL

Time dependent concentrations at different locations (axial and

radial position) inside the tubular reactor were acquired by solving

mass balances, which include the kinetic rate laws, and fluid

dynamic expressions. The set of integer-partial differential alge-

braic equations was solved simultaneously using an equation-

oriented approach, which is considered faster and more robust

than a sequential-modular one.20 This approach has been applied

successfully in previous works.13,21 The gas-phase mass balance

for a component (i) is shown in Equation (1) including accumula-

tion, gas liquid mass transfer, convection, as well as axial and radial

dispersion,

εG
∂Ci,G t,z, rð Þ

∂t
¼�kGLaGL C�

i,L�Ci,Lð Þ�uG
∂ Ci,G t,z, rð Þð Þ

∂z

þεGDz,G z, rð Þ ∂2Ci,G t,z, rð Þ
∂z2

 !

þεGDr,G z, rð Þ ∂2Ci,G t,z, r,ð Þ
∂r2

þ1
r
∂Ci,G t,z, r,ð Þ

∂r

 !
ð1Þ

The mass balance for the liquid bulk phase, Equation (2), shows

that the accumulation equals a net effect of gas–liquid mass transfer,

convection, as well as axial and radial dispersion. The liquid–solid mass

transfer terms to supply reacting species from the liquid to the surface

of the catalyst are included. The kLSals Ci,L�Ci,sð Þ term describes the

mass transfer of hydrogen and sugar (e.g., arabinose) from the liquid

bulk to the catalyst surface and the mass transfer of product

(e.g., arabitol) from catalyst surface to the liquid bulk.

εL
∂Ci,L t,z, rð Þ

∂t
¼þkGLaGL C�

i,L�Ci,Lð Þ�kLSaLS Ci,L�Ci,Sð Þ�uL
∂ Ci,L t,z, rð Þð Þ

∂z

þεLDz,L z, rð Þ ∂2Ci,L t,z, rð Þ
∂z2

 !
þ εLDr,L

∂2Ci,L t,z,rð Þ
∂r2

þ1
r
∂Ci,L t,z,rð Þ

∂r

 !
ð2Þ

Another mass balance is required for the liquid film surrounding

the catalyst layer in order to calculate concentrations of the liquid at

the catalyst surface. This mass balance only includes the liquid–solid

mass transfer and the reaction terms. A quasi-steady state is pre-

sumed to prevail in the liquid film: the mass transfer is compensated

by the chemical reaction,

kLSiaLS Ci,L�Ci,sð Þþρcatreffi t,z, rð Þ¼0 ð3Þ

In general, the effective component consumption/production reac-

tion rate is the intrinsic rate multiplied by the effectiveness factor:

reffi ¼ ri ηei ð4Þ
For thin catalyst layers and slow reactions ηei ¼1 can be assumed

and the concentration gradients inside the catalyst layer are negligible.

If the internal mass transfer in the pores of the catalyst layer has an

impact on the observed kinetics, the effectiveness factor is obtained

from the general reaction–diffusion model of the catalyst layer as will

be shown in Section 2.2.

3.1 | Boundary conditions

The boundary conditions equations include the feed concentrations at

the reactor inlet, as well as axial and radial derivatives of the compo-

nent concentrations. The closed–closed boundary conditions of

Danckwerts are applied at the reactor inlet and outlet. The boundary

conditions are summarized below.

3.2 | Gas-phase boundary conditions

Entrance:CIN
i,G ¼Ci,G t, rð Þ� εGDz,G z,rð Þ= uGLð Þð Þ dCi,G t, rð Þ=dzð Þ at z¼0

ð5aÞ

Outlet:
∂Ci,G t, rð Þ

∂z
¼0 at z¼1 ð5bÞ

Center:
∂Ci,G t,zð Þ

∂r
¼0 at r¼0 ð6aÞ

F IGURE 2 Interaction of kinetic and mass transfer effects in the
tree-phase system: gas, liquid, and solid foam catalyst

3 of 15 NAJARNEZHADMASHHADI ET AL.
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Wall:
∂Ci,G t,zð Þ

∂r
¼0 at r¼0 ð6bÞ

3.3 | Liquid-phase boundary conditions

Entrance:CIN
i,L ¼Ci,L t, rð Þ� εLDz,L z, rð Þ= uLLð Þð Þ dCi,L t, rð Þ=dzð Þ at z¼0

ð7aÞ

Outlet:
∂Ci,L t, rð Þ

∂z
¼0 at z¼1 ð7bÞ

Center:
∂Ci,L t,zð Þ

∂r
¼0 at r¼0 ð8aÞ

Wall:
∂Ci,L t,zð Þ

∂r
¼0 at r¼0 ð8bÞ

In particular, closed-closed boundary conditions were adopted to

give a general validity to the model: depending on the Péclet number,

the axial dispersion contribution can be dominant also at the reactor's

inlet.

3.4 | Summary of balance equations

The reactor model consists of the gas-phase balances (1), the liquid-

phase balances (2), the surface balances (3)–(4) as well as the boundary

conditions (5a)–(8b). The gas- and liquid-phase balances (1)–(2) are para-

bolic partial differential equations (PDEs) which are coupled to the sur-

face balance (3), which is a non-linear algebraic equation system (NLEs).

4 | ADVANCED MODEL

The simple model presented in the previous Section 2.1. is extended

to a more advanced one by including the effect of the diffusion resis-

tance inside the catalyst layer. This means that the mass balance

Equation (3) will be replaced by a reaction–diffusion model for the

porous catalyst layer.

The gas phase mass balance remains the same as stated by

Equation (1).

4.1 | Liquid phase mass balance

In the advanced model, it is assumed that reactions occur within the

solid catalyst layer. Thus, reacting components are diffusing first into

the solid catalyst layer and then react on the active surface sites of

the catalyst. Intrinsic reaction kinetics, effective diffusivities of the

molecules inside the catalyst layer and the shape of the layer deter-

mine the net flux to/from the catalyst layer. Mass transfer flux

to/from the catalyst layer is added on the very left-hand side of the

correlation. The impact of such flux terms has been discussed in previ-

ous studies.13,22,23

εl
∂Ci,L t,z, rð Þ

∂t
¼þkGLaGL C�

i,L�Ci,Lð Þ�uL
∂Ci,L t,z, rð Þ

∂z
þεLDz,L

∂2Ci,L t,z, rð Þ
∂z2

þεLDr,L
∂2Ci,L t,z,rð Þ

∂r2
þ1

r
∂Ci,L t,z, rð Þ

∂r

 !
� f Deff,i

RC
2

∂Ci,s t,z, r,xð Þ
∂x

� �����x¼1

ð9Þ

where f is a correction factor, typically f = 1 or less. In fact, it can be

shown that

f¼ sþ1ð Þ ρB
ρP

� �
ð10Þ

The background of this reasoning is explained in Appendix S1.

4.2 | Boundary conditions

Also here, the boundary conditions of Danckwerts are applied at the

reactor inlet and outlet,

Entrance:CIN
i,L ¼Ci,L t, rð Þ� εLDz,L z, rð Þ=uLð Þ dCi,L t, rð Þ=dzð Þ at z¼0

ð11aÞ

Outlet:
∂Ci,L t, rð Þ

∂z
¼0 at z¼ L ð11bÞ

Center:
∂Ci,L t,zð Þ

∂r
¼0 at r¼0 ð12aÞ

Wall:
∂Ci,L t,zð Þ

∂r
¼0 at r¼0 ð12bÞ

4.3 | Porous catalyst layer

The foam properties are inbuilt in parameters such as Deff, εp, RC , and

ρcat in solid phase mass balance, Equation (13). A dimensionless coor-

dinate, x, is taken in use, because the catalyst layer is very thin (<10

μm) and it is reasonable that the reactor and particle coordinates are

not too different in the model implementation. The dimensionless

coordinate is defined as x = rP/RC, where RC is the catalyst layer thick-

ness. Thus x is always between 0 and 1, where “1” corresponds to the

outer surface of the catalyst layer.

∂Ci,s t,z,r,xð Þ
∂t

¼Deff,i

εpR
2
C

∂2Ci,s t,z, r,xð Þ
∂x2

þ s
x
∂Ci,s t,z, r,xð Þ

∂x

 !

þρcat
X

υi,jrj t,z, r,xð Þ� � ð13Þ

Due to the fact that the washcoat layer is very thin, the simple

slab geometry can be used and then shape factor becomes 0. A shape

factor, proposed by Bracconi et al.,12 equals to 0.475 for foams with

NAJARNEZHADMASHHADI ET AL. 4 of 15
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circular strut cross-sectional shape and 0.810 for triangular shape. All

three possibilities were considered in our modeling effort.

4.4 | Boundary conditions

The particle balance is coupled to the bulk liquid balance through the

boundary condition, which states that the molar flux through the liq-

uid film is equal to the molar flux in/out to/from the particle. This

form is numerically stable even for the extreme case that ki,LS is large

(i.e., no mass transfer limitation in the film surrounding the catalyst

layer) and then Ci,s= Ci,L.

∂Ci,s t,z,r,xð Þ
∂x

¼0 at x¼0 ð14aÞ

Ci,sþDeff,i

ki,LS

∂Ci,s t,z, r,xð Þ
RC ∂x

¼Ci,L at x¼1 outer surface of the layerð Þ

ð14bÞ

4.5 | Effectiveness factor

The effectiveness factor of a component is by definition the ratio

between the diffusion flux to/from the porous particle under

diffusion-influence conditions and under the conditions of intrinsic

kinetics. The effectiveness factors of the components are obtained

from the integrated local rates inside the particle,

ηei ¼
sþ1ð Þ
ri cLð Þ

ð1
0
rix

sdx ð15Þ

where ri(cL) denotes the rate calculated with the bulk-phase concen-

trations. The use of Equation (15) minimizes the numerical inaccura-

cies in the evaluation of the effectiveness factors, because it is based

on the use of the integrated rates over the entire catalyst layer.22,23

The effectiveness factor is obtained direct after that the particle

model Equation (13) has been solved.

5 | PHYSICAL PROPERTIES

The most important physical properties needed in the model are den-

sity, viscosity and hydrogen solubility. Physiochemical properties of

the components were calculated at the reactor entrance and kept

constant throughout the reactor length and radius. This approximation

is reasonable, as temperature variation is not considered, and the

reaction conversions are very low. From the density and viscosity

data, the liquid-phase diffusion coefficients can be calculated.

5.1 | Hydrogen solubility

The hydrogen solubility in the liquid phase is calculated by the follow-

ing empirical expression proposed by Rivero et al.24 and Sifontes

et al.25 The correlation Equation (16) for the hydrogen solubility is

based on a large set of experimental data. The hydrogen pressure of

the system is equal to P (bar), the temperature is T (K) and CH2 (mol/L).

CH2 ¼9:35�10�6 �PH2 �Tþ0:01447�10�4 �T2�1:138�10�3 �T
þ0:222�2:833�10�3 �PH2 �0:1481�10�8 �PH2

2

ð16Þ

5.2 | Liquid viscosity and molecular diffusivities

Equation (17) was implemented for the dynamic viscosity of the liquid

phase. It is dependent on both concentration of the sugar solution

and temperature. This correlation proposed by Rivero et al.24 and

Sifontes et al.25 is based on density and kinematic viscosity measure-

ments of sugar solutions. T (K) is the temperature of the system and

xA is the weight fraction of the sugar in the solution (wt%).

μL Pas½ � ¼ exp
1:54xA
TL�273

þ3:81�10�4 x2A�1:10�10�2 xA�2:85

0
@

þ 1:94�102

TL�273
� 3:89�103

TL�273ð Þ2

1
A�10�3

ð17Þ

The molecular diffusivities of sugars, sugar alcohols and hydrogen

in the liquid phase were calculated by using the Wilke and Chang

correlation26:

D m2=s
� �¼7:4�10�12 xMð Þ0:5 T

μV0:6
A

ð18Þ

5.3 | Gas and liquid densities

For the gas density, the ideal gas law is used. Liquid phase density

was directly taken from the work of Rivero et al.24 and Sifontes

et al.25, where the dependence of the liquid density with both temper-

ature and composition is reported. T (�C) is the temperature of the

system and xA is the sugar concentration of the solution (wt%).

ρ
kg
m3

� �
¼�0:008154 �T �xAþ0:008424 �xA2þ4:797 �xAþ1065

�1:627 �Tþ0:005412 �T2

ð19Þ

5.4 | Reaction rate expressions

Hydrogenation of arabinose (A) and galactose (G) to arabitol (A0) and

galactitol (G0) is considered as a verification case of the model. For the

hydrogenation of sugar mixtures (arabinose and galactose), a

Langmuir–Hinshelwood expression with noncompetitive adsorption

of hydrogen and the organic components was applied.27–29 Further-

more, the quasiequilibrium hypothesis was applied on the adsorption

steps, whereas it was assumed that the hydrogenation steps are rate-

determining. The reaction kinetics was studied in detail in our

5 of 15 NAJARNEZHADMASHHADI ET AL.
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previous work,30 where the underlying hypotheses of the reaction

mechanism was thoroughly discussed, and the rate equations were

derived.

The following rate equations was developed by our group for the

sugar mixtures (arabinose (I) and galactose (II)) hydrogenation:

rI ¼ kIcAcH

1þKAcAþKGcGð Þ 1þ ffiffiffiffiffiffiffiffiffiffiffi
KHcH

p� �2 ð20Þ

rII ¼ kIcGcH

1þKAcAþKGcGð Þ 1þ ffiffiffiffiffiffiffiffiffiffiffi
KHcH

p� �2 ð21Þ

In case that only arabinose is hydrogenated, KGcG is equal to 0 in

the above equations. In our experiments the hydrogen pressure was

constant, and cH/(1 + [KHcH]
1/2)2 was constant, thus the Equa-

tions (20) and (21) are simplified to

rI ¼ kIcA
1þKAcA

ð22Þ

rII ¼ kIIcG
1þKAcA

ð23Þ

The term cH/(1 + [KHcH]
1/2)2 was approximated to be constant

during the experiment, because very close to zero order behavior

with respect to hydrogen has been observed in our previous stud-

ies of sugar hydrogenation on Ru/C catalysts (Sifontes et al.,15

Araujo Barahona et al.31). The hydrogen solubility increases in

aqueous sugar solutions as a function of temperature, because the

polarity of water decreases with temperature. Detailed experimen-

tal studies on hydrogen solubility has been carried out by us

(Sifontes et al.25) confirming this fact.

The Arrhenius law for the rate constants was expressed in a trans-

formed form to suppress the correlation between the pre-exponential

factor and the activation energy in the regression analysis,

kI ¼ kIrefAexp
�Ea I
Rg

1
Ts t,z,rð Þ�

1
Tref

� �� 	
ð24Þ

kII ¼ kIIrefGexp
�Ea II
Rg

1
Ts t,z,rð Þ�

1
Tref

� �� 	
ð25Þ

where Tref is the reference temperature of the experiments. The pro-

duction and consumption rates of the components are obtained by

the following equations:

rA ¼�rI ð26Þ

rA0 ¼ rI ð27Þ

rG ¼�rII ð28Þ

rG0 ¼ rII ð29Þ

rH ¼�rI� rII ð30Þ

5.5 | Mass transfer coefficients

Under the actual experimental conditions, the liquid flow rate through

the catalyst foam was low, which inevitably implies that the results

are affected by the external mass transfer resistance at the outer sur-

face of the foam. Therefore, correlations for mass transfer coefficients

were considered and implemented in the model.

5.6 | Gas–liquid mass transfer coefficient

A correlation for gas–liquid mass transfer coefficient in open-cell foam

bed packing has been proposed by Zapico et al.,32

aGLεL
ap

Sh¼0:0037Re1:4L Sc0:5L ð31Þ

where the Sherwood number is Sh¼ dpkGLD
�1
L and kGL is the gas–

liquid mass transfer coefficient.

It is reported in the literature that in packed bed reactors, the

global mass transfer coefficient is expected to increase with the liquid

superficial velocity but to show little variation with the gas superficial

velocity. A similar trend has been reported for packed beds with open

cell foams.32–35

5.7 | Liquid–solid mass transfer coefficient

The liquid–solid mass transfer coefficient (kLSÞ was calculated by using

Equation (33) proposed by Cognet et al.,36

kLS ¼ ReLeq :τ:Sc
1=3
L �16:9 �dhyd

dR
ReLeq

β�Sc1=3L

� 	
� DL

dhyd
ð32Þ

β¼0:28 for a 20 PPI foam and β¼0:25 for a 45 PPI foam was pro-

posed by Lali et al.37

τ is the tortuosity of the foam structure and was calculated apply-

ing Equation (33) which was proposed by Plessis et al.38:

1
τ
¼ 3
4ε

þ
ffiffiffiffiffiffiffiffiffiffiffiffiffi
9�8ε

p

2ε
�cos 4π

3
þ1
3
cos�1 8ε2�36εþ27

9�8εð Þ1:5
" #( )

ð33Þ

An alternative formula for the calculation of kLS has been proposed

by Mohammed et al.4 for tubular reactors with solid foam packings,

φSh

Sc1=3
¼ aReL

b ReG
c asdw

1�ε

ε

� �d

ð34Þ

5.8 | Liquid-holdup

The conditions of our experiments (very low gas and liquid superficial

velocities) corresponded to the trickle flow regime as confirmed by

the information available in the previous literature.30,39,40 To calculate

the total liquid hold-up, as well as the static and dynamic hold-ups

NAJARNEZHADMASHHADI ET AL. 6 of 15
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were estimated from Equations (35) and (36). Both correlations were

proposed by Zalucky et al.35 for solid foams. The dynamic holdup is

based on the Galileo and Reynolds numbers while the static holdup is

based on the Eötvös number.

εL,dyn ¼4:44Re0:56L �Ga�0:42
L ð35Þ

εL,S ¼ 1
2:62þ3:72 �E€o� ð36Þ

where the Eötvös number (E€o�) is

E€o� ¼ ρL �g �d2e
σL

ð37Þ

and the Galileo number (GaL) is:

GaL ¼ gd3e
υ2L

: ð38Þ

5.9 | Pressure drop

The experimental and simulated data of pressure drop are com-

pared in Figure 3. The simulations were based on Equation (39).

The pressure drop experiments were conducted with carbon

coated aluminum foams at the liquid volumetric flow rate of

0.5 ml/min and different gas volumetric flow rates (0–302 ml/min).

The continuously operated tubular reactor was packed with foams

as illustrated in Figure 1, with one uncoated foam at the top and

two coated foams at the bottom. The gas used was argon and the

liquid was distilled water. The gas flow rate was controlled by a

mass flow controller (Brooks 5850S) and the liquid was pumped to

the reactor with an HPLC pump (Knauer Smartline 100). Downward

concurrent gas and liquid flows were applied, and the gas and liquid

passed through the foams in the sequence: uncoated foam—first

coated foam—second coated foam. A pressure sensor (Keller

PR21S sensor with the range 0–2.5 bar [g] and output 4–20 mA)

was located upstream of the reactor in the gas feed line. A

CAL9500P controller (West Control solutions) was used to convert

the 4–20 mA signal to a pressure value. The following correlation

for the estimation of the pressure drop in a tubular reactor with

open cell foam packing has been proposed by Mohammed et al.3

and it was used in this work:

dP
dz

¼ ρLg a1Re
b1
L Rec1G


 �
asdw

1�ε

ε

� �d1

ð39Þ

where dw is the window (pore) diameter, a1 = 21.56, b1 = 0.15,

c1 = 3.45, and d1 = 9.80.

In the existing literature, different characteristic lengths have

been used for simulating the pressure drop. Saber et al.41 used cell

diameter as a characteristic length, Mohammed et al.3 used window

diameter, and Edouard et al.39 and Giani et al.40 used strut diameter.

According to the experimental results obtained from the pressure

drop measurements (Figures 3 and 4), even if inaccurate, we used the

cell diameter as a characteristic length for simulating the pressure

drop and the liquid hold up.

The results display that changing the foam porosity has a strong

effect on the pressure drop. An aluminum foam with a porosity of

0.93 was used for preparing the carbon coated foam catalyst. Com-

paring the experimental data with the simulation results indicates that

the foam porosity was decreased to 0.916 because of the coating.

Figure 4 displays the pressure drop experiments with different liquid

(0.5–1.5 ml/min) and gas (0–302 ml/min) volumetric flow rates. The

trends are expected.

5.10 | Axial and radial dispersion coefficients

Saber et al.41 have proposed a correlation for the Péclet number

(Pe) in open cell foams. The concept was based on the use of the cell

diameter (dc). The Péclet number to calculate the axial dispersion coef-

ficient is obtained as follows

Pe0L ¼ uLdc
Dz,L

ð40Þ

0
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2000
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ε = 0.93
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F IGURE 3 Experimental pressure drop data versus simulations
with different foam porosities
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F IGURE 4 Pressure drop data with different gas and liquid
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where dc is the cell diameter, equivalent particle diameter.

Pe0L ¼ aReb ð41Þ

where a = 0.042, b = 0.5 for open cell foams according to Hochman

and Effron.42 The Péclet number used in the axial dispersion model is

based on the reactor length,

PeL ¼ uLL
Dz,L

ð42Þ

And we get

PeL ¼Pe0LL
dc

ð43Þ

Finally, the axial dispersion coefficient is calculated from

Dz,L ¼ uL
L
PeL

, ð44Þ

For the gas-phase axial dispersion coefficient, an analogous treat-

ment is possible, giving:

Dz,G ¼ uG
L

PeG
, ð45Þ

The corresponding radial dispersion coefficient can be taken as a

fraction of the axial one. As reported by Truong et al.43 solid foam

packing shows similar behavior of packed beds. Russo et al.13 pro-

posed that the value of radial dispersion coefficient is one third of the

axial one for packed bed reactors. As a matter of fact, radial dispersion

for systems not very much deviating from ideality are less influent

than axial dispersion. A sensitivity analysis was conducted on this

parameter, observing that its influence is only secondary on the simu-

lation results.

6 | RESULTS AND DISCUSSION

6.1 | Experimental data

The dynamic models presented in section two were implemented to

describe the sugar mixtures (arabinose and galactose) hydrogenation

experiments carried out in a trickle bed with a cylindrical solid foam

packing as a case study. The experimental data was studied in detail in

our previous works.8,30 Geometrical features listed in Table 1 were

adopted from Amberosio et al.44 as they used the same aluminum

open cell foam, and the washcoat thickness layer value was adopted

from Lali et al.36 as they carried out the same method for coating alu-

minum open cell foams as we applied.

Figure 5 displays arabinose and galactose conversions as a func-

tion of temperature for experimental and calculated data for both sim-

ple and advanced models. Both models were capable to predict the

conversions successfully. Hydrogenation experiments of binary sugar

mixtures were performed with inlet molar ratios of 1:1 and 1:2. Exper-

iments were carried out with liquid flow rate of 0.5 ml/min and gas

(hydrogen) flow rate of 25 ml/min at different temperatures 90�C–

120�C. The experimentally recorded sugar conversions on the figures

are averages from multiple samples. The selectivity toward sugar alco-

hols was always very high, typically exceeding 95%.

6.2 | Parameter estimation results and discussion

Parameter estimation activities were conducted imposing isothermal

condition, as in our previous investigation, we demonstrated that for

arabinose hydrogenation the temperature increase due to the exo-

thermicity of the reaction was not significant, leading only to small

temperature gradients.13

TABLE 1 Geometrical properties of open cell foam with 0.93
porosity

dc mm½ �a dw mm½ �a SV [m�1]a dS mm½ �a
Washcoat
thickness μm½ �

1.85 0.95 954 0.2 ~7

aValues were adopted from Amberosio et al. [39].
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F IGURE 5 Conversion of sugar mixtures as a function of temperature. Inlet molar ratio (A) 1:1, (B) 1:2.
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The parameter estimation results for both models, including the

activation, kinetic constants calcylated at the reference temperature,

together with the related 95% confidence intervals (CI), and correla-

tion matrixes are given in Tables 2–4. As revealed, in all cases the con-

fidence intervals fall within 10% error, indicating a good accuracy of

the parameters. The correlation matrixes show no significant correla-

tion between the estimated parameters in any of the models. R2 for

both the simple and advance models are, respectively, 0.87 and 0.90,

indicating a good fit. Corresponding parity plots for both models (the

advanced and simple ones) are displayed in Figure 6. There are good

agreements between calculated (both models) and experimental data.

The average error for the parity plots was about 16%.

In Figures 7 and 8, the sugar mixture conversions and reaction

rates along both the reactor length and radius are visualized. No con-

centration gradients, thus also no conversion and reaction rate gradi-

ents, appeared in the radial direction, and the gradients are virtually

linear with the length of the reactor, which can be explained with the

relatively low conversions in the tubular reactor.

6.3 | Sensitivity analysis

To examine the capabilities of our models, a sensitivity analysis was

performed and the effect of the kinetic parameters and operation

conditions on the arabinose and galactose conversions was studied.

Figure 9 shows the effect of different kinetic parameters such as acti-

vation energy (Ea) and rate constant at the reference temperature

(kIref) on the conversion of the sugar mixtures. As expected, the sugar

conversion increased with increasing the activation energy and refer-

ence rate constant. The trends are rather linear. In the first case,

starting from a sugar conversion of 10%, it is possible to improve it to

18% increasing 100% times the kinetic constant or the space time in

the reactor.

The effect of increasing the reference rate constant on the arabi-

nose and galactose concentrations was studied in the middle and at

the end of the reactor. The catalyst layer thickness of 600μm was

used as an example and results are displayed in Figure 9. The results

show that as the reference rate constant increases, the concentration

of arabinose and galactose at the catalyst surface decreases which

consequently result in an increase of the concentration gradient in the

catalyst layer. This result surely demonstrates that the proposed

model is very flexible, as it can simulate both ideal cases, characterized

by a catalyst effectiveness factor approaching to the unity, and sys-

tems dominated by high intraparticle diffusion limitations. This aspect

is surely a point of strength in the model utilization also for other

chemical systems.

The effects are better highlighted by reporting by displaying a

dimensionless concentration versus the layer position. In this way, at

the catalyst surface, the dimensionless concentration is always equal

to 1. Figure 10C) shows the calculated profiles at the catalyst surface,

TABLE 2 Parameters estimation
results for the simple model, and
respective correlation matrix (CM)

Parameters Estimated value ± 95% CI CM EaI EaII kIrefA kIIrefG

Ea I [J/mol] (5.36 ± 0.36) E+04 EaI 1

Ea II [J/mol] (5.76 ± 0.41) E+04 EaII �0.1 1

kIrefAs�1 (5.89 ± 0.20) E�07 kIrefA �0.1 +0.1 1

kIIrefGs�1 (5.81 ± 0.21) E�07 kIrefG +0.1 �0.1 �0.1 1

TABLE 3 Parameters estimation
results for the advanced model with
different shape factors (s)

Parameters Estimated value ± 95% CI Estimated value ± 95% CI Estimated value ± 95% CI
s = 0 s = 0.475 s = 0.81

EaI [J/mol] (5.5 ± 0.4) E+04 (5.3 ± 0.4) E+04 (5.3 ± 0.3) E+04

EaII [J/mol] (5.6 ± 0.4) E+04 (5.8 ± 0.4) E+04 (5.6 ± 0.4) E+04

kIrefAs�1 (5.8 ± 0.2) E�07 (8.8 ± 0.3) E�07 (1.12 ± 0.03) E�06

kIIrefGs�1 (6.1 ± 0.2) E�07 (8.4 ± 0.3) E�07 (1.08 ± 0.03) E�06

TABLE 4 Correlation matrix of the estimated parameters in the
advanced model

s = 0 EaI EaII kIrefA kIIrefG

EaI 1

EaII +0.1 1

kIrefA �0.1 +0.1 1

kIrefG +0.1 �0.2 +0.1 1

s = 0.475 EaI EaII kIrefA kIIrefG

EaI 1

EaII +0.1 1

kIrefA �0.1 +0.1 1

kIrefG +0.1 �0.1 +0.1 1

s = 0.81 EaI EaII kIrefA kIIrefG

EaI 1

EaII +0.1 1

kIrefA �0.1 +0.1 1

kIrefG +0.1 �0.1 +0.1 1
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F IGURE 6 Parity plots of experimental data—simple (A) and advanced model (B).

F IGURE 7 Arabinose and galactose conversions in axial and radial directions

F IGURE 8 Reaction rates of sugar mixtures
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F IGURE 11 Conversions of arabinose and galactose as a function of the reactor length
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F IGURE 10 Effect of increasing the reference rate constant on the arabinose concentrations in the middle of the reactor (A) and at the end
of the reactor (b) with washcoat thickness of 600 μm.

11 of 15 NAJARNEZHADMASHHADI ET AL.

 15475905, 2022, 9, D
ow

nloaded from
 https://aiche.onlinelibrary.w

iley.com
/doi/10.1002/aic.17732 by A

bo A
kadem

i, W
iley O

nline L
ibrary on [24/01/2023]. See the T

erm
s and C

onditions (https://onlinelibrary.w
iley.com

/term
s-and-conditions) on W

iley O
nline L

ibrary for rules of use; O
A

 articles are governed by the applicable C
reative C

om
m

ons L
icense



showing a decreasing value with the increase of the reference kinetic

constant.

The effect of increasing the reactor length on the sugar conver-

sions was studied in Figure 11, which shows that the conversions

increased in line with the reactor length. No radial gradients are

predicted even for longer reactors. The conversions as a function

of the liquid flow rate and the inlet temperature are illustrated in

Figure 12. The conversions increased strongly as the temperature

increased and they were at its highest with low flow rates such as

0.5 ml/min. The results indicate that for obtaining higher conver-

sions with a small reactor volume like the one we used in our exper-

imental studies, it is better to use low liquid flow rates and high

temperatures.

As revealed by the previous figures, reactors radial profiles are

rather flat, fact reasonable as the experiments were conducted in a

lab-scale reactor where radial effects are frequently suppressed due

both to the dimension of the reactor and to the chosen reaction con-

ditions. Therefore, the model can be considered general, as includes

radial dispersion term both in the mass balances and in the boundary

conditions. To test the flexibility of the model, several simulations

were conducted to check what could be the concentration gradients

along the radial direction for an industrial scale reactor (L = 5 m),

selecting a pipe radius between the radius of the lab scale reactor

used in the present work and 20 times its value (see Figure 13).

It is evident that concentration gradients are surely important for

larger reactors, as expected, and that the model can simulate a wide

variety of different situations, ranging from flat to high gradients.

7 | CONCLUSIONS

Advanced dynamic isothermal models for three-phase catalytic tubu-

lar reactors with solid foam packings were developed and

implemented. The gas, liquid and solid phase mass balances included

the individual terms such as internal diffusion, gas–liquid and liquid

solid mass transfer and intrinsic kinetics for solid foam packings. Two

versions of the mathematical model were considered in detail: a sim-

plified model, where the gas–liquid and liquid–solid mass transfer

resistance were included and an advanced model, which included the

mass transfer resistance in the pores of the catalyst layer.

Previously obtained catalytic hydrogenation results of binary

sugar mixtures (arabinose and galactose) were utilized in this modeling

and simulation study. The kinetic parameters of the model were esti-

mated with a good accuracy. As a summary, we can conclude that

according to Figures 5–12, the model for the solid foam proposed in

this work was capable of predicting the effect of different kinetic and

transport phenomena under various operation conditions. The models

F IGURE 12 Conversions of arabinose and galactose as a function of the liquid flow rate and inlet temperature
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described here are applicable for other three-phase studies in catalytic

tubular reactors packed with solid foams.45–50
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NOTATION

ap packing specific surface area [m2/m3]

aGL volume-specific gas–liquid interfacial surface area [m2/m3]

aLS mass transfer area between liquid phase and foam catalyst

[m2/m3] aLS = aSϵL

aS volume-specific geometrical surface area of foam substrate

[m2/m3]

Ci* component i saturation concentration [mol/m3]

Ci,ref* component i saturation concentration at reference

pressure [mol/m3]

Ci,j concentration of component i in phase j [mol/m3]

Ci,j
IN initial concentration of component i in phase j [mol/m3]

Deff,i effective diffusivity of component i in water [m2/s]

Di,j molecular diffusivity of i in phase j [m2/s]

Dr,j radial dispersion coefficient of phase j [m2/s]

Dz,i axial dispersion coefficient of phase j [m2/s]

dc cell diameter [m]

ds strut diameter [m]

dw window (pore) diameter [m]

dhyd hydraulic diameter [m] dhyd ¼4εa�1
S

deq corrected equivalent diameter [m]

Ea activation energy [J/mol]

E€o� modified Eötvös number [�]

f correction factor [�]

Frj Froude number

GaL Galileo number [�]

i component i

j phase j = G (gas), L (liquid), p (particle)

k kinetic constant [mol/(gcat s)]

KA arabinose adsorption parameter [m3/mol]

KG galactose adsorption parameter [m3/mol]

KH2 hydrogen adsorption parameters [m3/mol]

kGL gas liquid mass transfer coefficient for component i [s�1]

kLS liquid solid mass transfer coefficient for component i [s�1]

kref kinetic constant at reference temperature [mol/(gcat s)]

L reactor length [m]

P pressure [Pa]

PeL Peclet Number of the phase j [�]

R reactor radius [m]

r radial location [m]

RC catalyst layer thickness [μm]

ReL Reynolds number for the liquid phase [�] ReL ¼ ρLuLdeq
μL

Rg ideal gas constant [J/(K mol)]

reff effective reaction j rate [mol/(g s)]

rj reaction j rate [mol/(g s)]

rp particle radial location [m]

SV packing specific surface area [m2/m3]

s shape factor [�]

Sh Sherwood number [�]

ScL Schmidt number [�] ScL¼μjD
�1
L ρj

�1

t time [s]

Tj temperature of phase j [K]

Tref reference temperature [378 K]

uj velocity of the phase j [m/s]

V reactor volume [m3]

VP particle volume [m3]

Wej Weber number of the phase j [�]

x dimensionless coordinate [�]

xA arabinose initial concentration [wt.%]

z axial location [m]

Greek symbols

ϵB hydraulic void fraction [�]

ϵj holdup of phase j [�]

ϵL,dyn dynamic liquid holdup [�]

ϵL,s static liquid holdup [�]

η effectiveness factor [�]

ηj viscosity of phase j [Pa s]

ρj density of phase j [kg/m3]

ρcat catalyst concentration referred to liquid phase [kg/m3]

ρbed catalyst bulk density [kg/m3]

σL liquid surface tension [N/m]

τ tortuosity [�]
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Abbreviations

A arabinose

A' arabitol

H2 hydrogen

dyn dynamic

G galactose

G' galactitol

HPLC high performance liquid chromatography

PDE partial differential equation

NLEs non-linear algebraic equation system
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