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Abstract

A comprehensive 1-dimensional/1.5-dimensional hybrid mathematical model is developed for
predicting NOy emission of a circulating fluidized bed (CFB) combustor under broader operating
parameters. In this model, the local gas-solid fluidization state and gas/heat transfer conditions in
different regions of a CFB combustor are specifically considered. Some two- or three-dimensional
problems, such as bubble breakage over dense bed surface, secondary air injection, core-annular flow
structure, and particle clusters in freeboard, are also taken into account in 1-D/1.5-D modeling. The
detailed chemical kinetic mechanism is creatively used to describe the homogeneous reaction system
towards CFB combustion simulation. In addition to operating parameters and fuel-specific inputs, no
other model parameters can be trimmed from case to case. This integral CFB model is validated
against the field test data obtained from three commercial CFB boilers with different capacities, some
of which are first disclosed. Favorable comparisons are obtained between the predicted and measured
results, involving particle size distributions, temperature and pressure profiles, and NOx/SO>
emissions. The final NO emission, as well as gas profiles, are somewhat different among the cases,
which may be attributed to the discrepancy in boiler structure, fuel properties, and operating
conditions. Further sensitivity analysis indicates that the proportion of volatile-N in total fuel-N, char

combustion reactivity, and char-NO reactivity significantly impact the NOx emission for CFB
1
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combustion. Meanwhile, the gas-solid fluidization state also plays an essential role in the NOx
emission and the in-furnace combustion efficiency, such as the gas flow distribution between phases,
bubble size, secondary air penetration depth, etc. However, the NOx emission seems insensitive to
the particle external gas mass transfer coefficients.

Keywords: circulating fluidized bed; combustion; NOx emission; mathematical model; validation

Introduction

Circulating fluidized bed (CFB) combustor has the advantages in fuel flexibility, good load
capability, and prominent de-NOx potentiality [1, 2]. However, with the increasing requirement of
pollution reduction, in order to consolidate the advantage of low pollution emission of CFB
combustors, it is necessary to further analyze the influence of operating parameters on NOx emission
and deeply explore the low nitrogen combustion potential of CFB so as to promote clean and efficient
utilization of fossil fuel.

Research on the nitrogen chemistry in solid fuel-fired systems has been compiled in several
reviews [3-5]. Nevertheless, the complex nature of the two-phase flow, heat transfer and gas mixing
processes make the NOx emission characteristic of a CFB combustor much more complicated.
Industrial practices have shown that the NOx emission is not merely dependent on the fuel type but
also closely related to the combustor performance and operation conditions, e.g., temperature [6-8],
air staging degree [9-11], limestone addition [12, 13], bed quality [14], etc. However, carrying out
comprehensive field tests in industrial scale combustors is laborious and complex, sometimes even
impossible. By contrast, systematically applying the simulation method to investigate this issue is

more helpful in finding the optimum combination of the operating parameters to minimize pollutant
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emissions. Therefore, in order to provide valuable engineering practice guidance and quantify the
NOx emission process, a comprehensive CFB combustion model is required.

In most studies, the nitrogen chemistry for CFB combustion was generally described by limited
overall reactions (6~20 species and 3~20 steps) [15-20]. While no simplified mechanism is available
for all simulation conditions. For example, in the varying atmosphere, the conversion rate of HCN or
NHj3 to NOx may be far different due to complex radical reactions [21-23]. Thus, a rigorous reaction
mechanism with sufficient reactants is necessary to describe homogeneous chemistry [24]. Other than
that, the heterogeneous or catalytic reactions over bed materials are of significance concerning their
possible role in reducing (char/ash) [25-27] or increasing (lime) [14, 28, 29] NOx emission. In
addition, for an accurate description of the heterogeneous reaction rate, the transport phenomena in
both gas-solid two-phase flow and pore system of particles must be considered [30-33].

If applying the comprehensive description of homogeneous, heterogeneous, and catalytic
chemistry in modeling CFB combustion, the fluid dynamics of a CFB combustor need to be vastly
simplified considering computational restrictions. Moreover, the detailed information about gas-solid
turbulent flow is sometimes unnecessary in engineering. Therefore, a semi-empirical 1-dimensional
(1-D)/1.5-dimensional (1.5-D) representation of fluid dynamics has been preferred in many
engineering calculations [19, 34-37], which aim to include all phenomena that consider the effects of
the same or greater order of magnitude as the chemistry models. It is widely accepted that the flow
pattern in a CFB combustor is combined by a dense bed at the bottom and a dilute phase in the upper
furnace [38-40]. The bottom bed is often operated in a bubbling fluidization regime [38, 39], of which

a two-phase flow description in modeling is necessary [41-43]. While, the fluidization state in the
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upper furnace can be a fast bed [1, 38] or pneumatic transport [39], where the internal solid
recirculation and cluster behavior should be reflected in simulation [44-46].

The gas mixing behavior in the splash zone is often neglected, while it has a significant impact
on the redox atmosphere formation, which is influenced by the bubble breakage and secondary air
(SA) injection. Lyngfelt et al. observed strong fluctuations between oxidizing and reducing conditions
above dense bed [47]. They pointed out that the gas from jets bypassing the bottom bed disintegrates
slowly over a specific distance. Namely, the O>-rich gases are not instantaneously fully mixed over
the cross-section in the splash zone. In addition, due to the high solid suspension density, the
secondary air does not mix well with the upward gas stream, especially for the large-scale CFB boiler
[48, 49]. Therefore, it is a non-negligible problem to describe the gas mixing behavior in the splash
zone for 1-D/1.5-D CFB modeling.

The main objective of this work is to establish a comprehensive mathematical model that can
quantify the influence of fuel properties and operating conditions on NOx emission. During this work,
the main sub-models and equations of the pseudo-steady-state 1-D/1.5-D hybrid CFB combustion
model are introduced, involving hydrodynamics (material balance), chemical reactions (energy
balance), and heat transfer (energy balance). These sub-models are inter-connected and solved
simultaneously by a FORTRAN code. The integral CFB model is validated against the field test data
obtained from three commercial CFB boilers with different capacities, one 135 MW, super-high
pressure CFB boiler burning bituminous coal (BD-135), one 350 MW. supercritical CFB boiler
burning bituminous coal (HP-350), and one 550 MW, ultra-supercritical CFB boiler burning

Indonesian lignite (SC-550). A sensitivity analysis is also conducted to examine the effects of some
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model parameters on the calculation results, involving heterogeneous reaction kinetics, fluid dynamic

parameters, and gas mass transfer coefficients.
2. Model description

2.1 Model structure

A schematic drawing of a CFB combustor (left) and the simplified modeling structure (right) are
shown in Fig.1. Each zone in the combustor riser is further divided into several cells (cyclones are
treated as one cell). Table.S1 in the supplementary material (SM) lists the model parameters

concerning the divisions of the cell, particle size, and particle age.
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Fig.1 Schematics of the CFB combustor (left) and 1-D/1.5-D hybrid CFB model (right)

The CFB combustor is divided into five different zones according to the fluid dynamic and mass

transfer characteristics:
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* The very bottom area is affected by the air distributors, where the rising bubbles are not fully
developed. Considering the perturbation of jets from nozzles, the gas-solid in the air distributor acting
zone is considered well-mixed.

*  Asthe merger and growth of bubbles, the bubbling bed behavior becomes distinguished, and
the region is gradually divided into bubble phase and emulsion phase. Cui et al. found that the voidage
in bubbles is very close to unit [50]. Namely, all solids are in the emulsion phase.

*  On the surface of the dense bed, bubbles burst, and the internal gas injects into the upper
freeboard, which can be regarded as several parallel jets (bubble jet). The present model divides the
splash zone into a particle-free high-velocity region (jet centers) and a dense, slower suspension
region. The gas from the jets mixes gradually into the surrounding suspension over a specific height,
whereas the gas concentration in the jet centers is not affected by the surroundings.

*  The core-annular internal recirculation flow structure is observed above the dense bed [51,
52], and some particles in the core region can cluster [53, 54]. Hence the bed materials, including
reactive fuel/lime particles, are divided into three parts: annulus, clusters, and single particles.

*  Many particles inside cyclones are agglomerated into spiral bands moving along the wall,
while the cluster behavior is not evident in the central region, and other solids are considered as single
particles. The mass transfer of gas to spiral bands is similar to that in the riser annulus.

The integral CFB combustion model developed in this paper consists of three main modules:
material balance (fluid dynamics), reactant balance (chemical reactions), and energy balance (heat
transfer). The input scheme and main steps of the numerical solution are shown in Fig.2. Table.S1,

(SM) lists the model parameters concerning the divisions of the cell, particle size, and particle age.



121
122

123

124

125

126

127

128

129

130

131

Reactant Balance

1
I
I
I
I
I
I
I
I
I
I
I
I

Boiler structure (  Start )

CPD-NLG +
(& heating surface)

- 1D/0D hybrid
particle model

Calculate devolatilization
process of single fuel particle

Operating parameters
(& steam)

Fuel properties
PAPSD, C/H/N/S, etc.)/

Solve the mass balance
equations for fuel particles

Calculate axial distributions

Kinetic parameters of volatile species
(fuel, char, lime, ash) A I

Initialize fs of each group particle | Calculate single char/lime 1D char I
. (ash, lime, fuel, char) I reaction rate particle model
Calculate gas properties, - |
Utand Unf | Solve the mass balance 0D char I
A . . combustion
Calculate or initialize the variables in each cell, | equations for char particles model |
including 7, P, Ug, Cs/g, Mflow, Emf and Hbed, etc. I I v |
v Solve the gas balance
Material Balance Initialize the height of each cell | | equations (PFR) | SENKIN I
—— -, = = = = = T T T T
_ i’ I | Renew the Ug, Cg in each cell | |
Particle
o, Solve the mass balance | |
attrition and . . .

. equations for ash, lime particles
segregation |
Renew the cA | |l Renew the variables in each cell, I |
height of model including Cs, Mflow, Emf, Hbed, etc. —_—— == — == — =

each cell Solve the energy balance Heat
No

Convergence of Cs ?

EMMS N Calculate behaviors of bubbling
model bed, clusters and air jets, etc.

Renew the variables in each cell, |
including Cs, Mflow, Emf, etc.

I

I

I

I

I I
I | equations transfer
I I
I

I

I

|

Fig.2 Flow chart of the numerical solution of the CFB combustion model

For the material balance and energy balance calculation, the one-dimensional back-flow
description is adopted for the whole loop, that is, the interphase solids and heat transfer are ignored.
In contrast, a two-phase model structure is used for gas balance in bubbling bed and splash zones
(1.5-D description). The bubbles and the bubble jets are treated as pure gas channels based on the
above analysis. Some literature also considers a particle-rich annulus and a particle-lean core region
in upper zones for gas-phase calculation [42, 43]. Nevertheless, the thickness of the annulus is far
smaller (0.1m ~ 0.18m [55]) than the industrial combustor size, and the gas velocity in the annulus is
lower than that in the core region because of the wall friction [56]. Thus the reaction in the annular

region may contribute a little to the total gas variation. In order to reduce the calculation time, the gas



132

133

134

135

136

137

138

139

140

141

142

143

144

145

146

147

148

149

150

phase in the upper zones is not further divided (1-D description). While the influence of core-annulus
flow is reflected in the heterogeneous reaction rate by estimating the mass transfer resistance of gas
from mainstream to annulus. Besides, the gas mass exchange between dispersed phase and clusters
is also considered.

Several sub-models have been introduced in previous studies [57, 58], involving material
balance, coal devolatilization, char combustion, lime sulphation, etc. However, some significant
modifications should be made to integrate them into the CFB combustion model of this work. In
particular, the chemical reactions and the gas balance calculation are re-established in this paper,

aiming to describe better the atmosphere variation and NOx formation in a CFB combustor.
2.2 Hydrodynamics and material balance (1-D)

All particles in each cell (i), involving ash, lime, fuel, and char, are specified with size (j) and

residence time (k) [57]. The mass balance of each category of solids is expressed as:

ms,téed(i,j,kZI) + ms,RE(i,j,k) - ms,drain(i:me Jjak) - ms,ﬂy(izl,j,k) + ms,up(i+l,j,k) + ms,down(i—l,j,k)

(1)

M (i) ~ s down(i.j k) (+ms,shift(i,_/’,k) )(i M (ijk) ) + M1y sy ™ Msiys(h) = 0

A description of the items in Eq.(1) except i, is listed in Table 1. 7z, denotes the mass
change due to sulphation of CaO (mass increase), reductive decomposition of CaSO4 (mass decrease),
fuel devolatilization (mass decrease), or char combustion (mass decrease), which will be described in
Section 2.3. Some basic hydrodynamic parameters are listed in Table.S2 (SM), which are used in the

calculations of material balance and mass transfer.

Table 1 Determination of items in material balance equation Eq. (1)@

Items Determination

Feed flow rate (7, ) Solids Primary particle size distribution Primary axial distribution

yfeed(j,kzl) y/feed([,kzl)
8
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Determined by SCCS Calculated by burn-out char

Ash ;
experiment (PAPSD) [59]® particle distribution
Lime Feeding PSD Limestone inlet
Feeding PSD (hard fuel) or .
Fuel Fuel inlet

PAPSD (soft fuel) [57]

Calculated by pyrolytic fuel
Char PAPSD i T
particle distribution

Re-circulating mass flux ms,remm([, k) = ms,down(i:l, .0) Y retun(i)
Discharge mass flux M gin(ioNs k) = P down(i=Npw )

Fly ash mass flux M (i) = M up(ic2. ) (1 - ncyc(j)) [60]
Upward mass flux ms,up(l—, ke W;,up(i) 'fs(i, 7.k) 5(: J)
Downward mass flux ms,down(,-, k) = VVs,down(i) 'fs(i, )

Mass flux caused by particle attrition™ 71 o, .1 =Ml =l 71

redu(i, j+1,k) _mredu(i,j,k) [575 58]
Age decline of particles sy = Mo Lo /(t(km —t(k))
Nja Noa NjL Ny
Complementary equation®™) Z; kz; Sy ¥ Z; kz; Jrime(sj ) =1.0 (for each cell i)
j=1 k= j=1 k=

(1) #cyc denotes the cyclone separation efficiency; Wsup and Ws gown represent the total upward and downward solid
flux, respectively; f ; # is the mass fraction of particles in (i, j, k) group; ¢ denotes the segregation index; 7,
denotes fine particles generated by abrasion; 7, denotes mass flux caused by abrasion; 1, denotes mass flux
caused by reduction; My; is the mass holdup in cell i.

(i1) The primary fragmentation of large fuel particles are considered, and the PAPSD is modified based on the model
proposed in Ref. [61]

(ii1) The attrition of fuel and char particles is neglected due to the short time of devolatilization or combustion
process.

(iv) The mass balance calculation of fuel/char particles is decoupled from that of ash/lime particles (as shown in
Fig.2), namely, fuel and char particles are considered to flow with the primary bed materials (ash and lime) and

have little influence on the total material balance of a CFB combustor.

The two-region model proposed by Bai et al. is applied to describe the core-annular flow
structure in the freeboard zone and determine the upward mass flux (C-A model) [62]. Table.S3 (SM)
lists the intrinsic equations of this sub-model, including five independent equations, one optimization
condition, four equality constraints, and seven unknown variables (thickness of annulus (Ja), mean
voidage in annulus or core region (&, &), mean gas velocity in annulus or core region (Uga, Ugy),

mean particle velocity in annulus or core region (Upa, Upc)). For obtaining high computational
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efficiency, this paper uses the simulated annealing algorithm [63] to solve the nonlinear optimization
problem of the C-A model.

Characteristics of clusters formed in the core region are described by the Energy-Minimization
Multi-Scale (EMMS) theory model [64, 65]. The original EMMS model consists of six independent
equations but having eight unknown variables (voidage in dilute phase or cluster (e, &c.c1), superficial
particle velocity in dilute phase or cluster (Up 1, Up.c1), superficial gas velocity in dilute phase or cluster
(Ugt, Ugel), cluster fraction (fc1) and cluster diameter (dc1)). In order to avoid solving the time-
consumed nonlinear optimization problem, in this paper, two additional correlations are introduced
to close the equations. Table.S4 (SM) lists the intrinsic equations and the numerical solution steps of

the modified EMMS model.
2.3 Chemical reactions and gas balance (1-D/1.5-D)

Each cell is treated as a plug flow reactor (PFR) filled with evenly distributed solid materials,
whereas the bubbling bed zone and the splash zone consist of two parallel PFRs considering
interphase gas mass transfer (as shown in Fig.1). The division of cells listed in Table.S1 is rough for
gas balance calculation. Owing to the fast radical reaction rates, the gas residence time in such large
cells is too long to capture the variation of gas concentration gradients. For improving the calculation
accuracy, each cell is further divided into a series of sub-PFRs, and the gas residence time in these
sub-PFRs should be lower than a particular limit (as listed in Table.S1).

The gas balance for gaseous species m in sub-PFR £ is expressed as follows:

Ug(k)cg(k,m)Afur(k) = mg,in(k,m) (+mg,tran(k,m) ) + Ug(k+l)Cg(k+1,m)Afur(k+l) + Z R(k,m) (2)

10
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where i, denotes the injected gas flow rate, including fresh air and volatiles (all in particle phase);

m denotes the interphase gas transport (only valid for bubbling bed and splash zone); Afur is the

g.tran

cross-sectional area in the furnace; U, represents the gas velocity; Cg is the gas concentration; R

denotes the chemical reaction rates.

2.3.1 Kinetic models

Table.S5 (SM) lists the set of reactions and their kinetics used in this paper. Other than the
descriptions in previous studies [57, 58, 66], some contents necessitate further clarification.

* Fuel devolatilization.

The specific composition of volatile-nitrogen was not mentioned before. In this paper, all
volatile-N are considered as HCN or NH3 [67, 68]. The yield of total volatile-N and the molar ratio
between HCN and NH3 are related to the fuel type and temperature conditions [69, 70]. The fuel
devolatilization process is described by a developed 0D/1D hybrid particle model embedded with the
CPD-NLG model, while the chemical kinetic parameters about fast nitrogen release can be obtained
by the lab-scale bubbling fluidized bed experiments [66].

* Homogeneous reactions.

The detailed chemical kinetic mechanism, AA mechanism, which consists of 86 chemical
components and 522 elementary steps, is applied to describe the gas-phase chemistry [21]. The rates
of homogeneous reactions are calculated with the SENKIN reactor model in each control volume
(PFRs) [71]. Inputs to SENKIN are pressure, temperature, initial gas concentration, and gas residence
time, and as output SENKIN yields the concentrations at the outlet of a PFR. The gas velocity, as
well as residence time of each PFR, should be renewed during iteration since the total molar flow rate

may significantly change, especially in the bottom furnace.
11
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In this work, except for char-nitrogen conversion, the heterogeneous reaction rate expressions
are also embedded in the SENKIN model and calculated with homogeneous reactions simultaneously
by the DASAC solver. The net conversion rate of char-N to NO (Xchar-n) is determined by the 1D
particle model, which is computationally heavy (see the next section). Thus, this sub-model is solved
outside the gas balance calculation, and the Xcharn 1S set as an iterative parameter. Besides, the
quenching and recombination of some radicals on the solid surface are of significance under fluidized
bed conditions, especially for the oxidation of reductive gas (like CO, CH4) and homogeneous
nitrogen conversion [24, 72]. The recombination of four free radicals on the particle surface is

considered, as listed in Table.S5 (SM). The radical removal rate can be expressed by [72, 73]:

R, = Kg(m)y(m)fsaS/VCg(m), m=0,H,N,OH 3)
where K is the external mass transfer coefficient; f; is the roughness factor for solids; as/v denotes
the collision cross-section per unit volume; y is the recombination efficiency which gives the
probability that a radical recombines.

*  Char reactions.

In this paper, the char reactions are described by two different particle models. For the char
combustion, CO2/H20 gasification, and reduction of surrounding NO, the single reaction rate
expressions (0D particle model) [58] are applied, which are embedded in the SENKIN model. While,
for the conversion of char-N, the NO formed inside char may continue to react with carbon and the
Xchar-N On the particle surface is significantly smaller than unit, which means the Xchar-n 18 strongly

affected by the particle size. Hence, the 1D spherically isothermal particle model should be

established to consider the char-N conversion. Totally six reaction steps (R7~R12) are involved here,

12
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assumed to be at the pseudo steady state. For each time step and each component inside the particle,

the governing material balance equation is expressed as follow:

&c,,, 24dC,,
Dy, I +> R, =0, m=0,,€0,,CO,H,0,NO (4)

where r is the radial position. De denotes the effective pore diffusion coefficient, which is the same
as that in the 0D particle model [58].

The boundary condition is:

ng(m)
=0
dr
(5)
p,, | _ (Cotry = oo
c(m) dl" - g(m) g,oo(m) g,O(m)

The above five ordinary differential equations for chemical species are solved simultaneously

using the finite difference method. The Xcharn 1S accordingly determined by calculating the

concentration gradient near particle surface:

D ng,NO
e,NO
’ dr
Xcha.r—N — (6)
3 (D dC, ¢, dC, co, ]
N/C e,CO e,CO
’ dr | odr |

where an/c denotes the molar ratio of nitrogen to carbon in char.

e Catalytic reactions.

Four catalytic reactions on CaO particle surface are considered: the catalytic oxidation of CO
(R14) and NH3 (R15), the hydrolysis of HCN (R16), and the reduction of NO by CO (R17).
Nevertheless, the sulphation product CaSOs is less active than CaO for these reactions [5]. Therefore,

the effective surface area for catalytic reaction can be expressed as:

13



248

249

250

251

252

253

254

255

256

257

258

259

260

261

262

263

264

265

MWe,o (X CaOmax(j) X Ca0(j k) )
Scao.e(jk) = Sca0 ini (7)

X MWCaSO4 + (1 - X, Ca0(j k) ) MWCaO

CaO( k)

where scao, and scao,ini are the effective specific area and initial specific area of the lime particle,
respectively; Xcaog,m) is the sulphation conversion rate of a lime particle with size j at time &; Xcao, max
is the maximum sulphation conversion rate; MW denotes the molar mass.

The intraparticle diffusion resistance of lime and ash particles might affect the catalytic reaction

rates. The following effectiveness factor is applied to evaluate its influence:

1 1 1
o "

where @, is the Thiele modulus of a spherical particle, which is related to the reaction rate, pore

structure, gas diffusion coefficient, and temperature. The detailed analysis of the intraparticle

diffusion is described in the study of Fu et al. [74]
2.3.2 Gas mass transfer

* Interphase gas mass transfer
In the bubbling bed at the bottom furnace, gas can transport from emulsion phase to bubble phase
as the merger and growth of bubbles. While for the splash zone, gas from the jet center mixes

gradually into the surrounding particle phase. These two gas transport phenomena are expressed as:

mg,tran(k,m)

= [Ug.m) (1 ~ O ) Ay U (1 o )Aﬁn(k) } C,pfiorm o

= (Ug,J(k+l)O- sy Arr(en ™ Yan T ey ) Costirim)

mg,tran(k,m) I5S -

where the subscripts E, B, J, S denote emulsion phase, bubble phase (bubbling bed), jet center zone,
and jet surroundings (splash zone), respectively; o is the volume fraction of pure gas phase.

14
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Besides, the interphase gas mass transfer induced by concentration difference also exists in

bubbling fluidized bed:
mg,tran(k,m) BOE Kg,B(—)E(k,m)SB(k) (Cg,B(k,m) - Cg,E(k,m))
12
Unitw) | et Emiineniv) (10)
K BoE(km) +
& : 3 ﬂdB(k)

where Ky poE denotes the interphase gas mass transfer coefficient [75]; S is the surface area of
bubbles; dg is the bubble diameter; Ug s is the bubble rising velocity; Umris the minimum fluidization
velocity; Dy is the molecular gas diffusivity; ems is the minimum fluidization voidage.

* External mass transfer (except for annular region)

The external mass transfer around active particles (char, lime, or ash) is expressed as:

R =K, (Cyuw)~Cosim) (1)

g,oo(m)
where Cy» and Cgs are the gas concentrations in ambiance and on the particle surface, respectively.
K, is closely related to the local gas-solid fluidization state, which can be calculated by the following

semi-empirical correlations (Sh =K, d, / D, , dp is the particle size):

(1) In the emulsion phase in bubbling bed [76]:

U d 172 1/3
Sh, =2¢, . +0.70) —= P a (12)
/uggmf png

(2) For single particles in upper zones [31]:

U d 1/2 1/3
Sh,, =2¢,, +0.69| =1 He (13)
’ng png

where Uss r denotes the superficial slip velocity in the dilute phase.

(3) In the clusters in upper zones [31] (normally Shg < Sh¢i < Shgin):
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U d 1/2 1/3
Sh,, = 2¢, , +0.69| —=4" He (14)
’ng png

where Ukl is the superficial slip velocity in cluster.

e External mass transfer in annular region

In this paper, the heterogeneous reactions in the annular regions (including the spiral bands in
cyclones) are treated as “sheath reaction”, which is derived from the carbon group combustion theory
proposed by Annamalai et al. [77, 78]. While three main assumptions should be made: (1) the near-
wall particle cloud is simplified as a slab with the same thickness as annulus; (2) the near-wall
particle cloud is uniform and isothermal; (3) the mass transfer resistance from ambiance to annulus
surface is ignored. Hence, the group reaction number G and the effective reaction coefficient of near-

wall active particles are expressed as [79]:

mass transfer between bulk gas R
o - and particles within annulus Sy ,0,5h, /(fpdp)

= = 15
mass transfer between ambience  1+Sh D / ( fR d ) (13)
and annulus surface ve P
reaction rate of particles N1/2
B inside annulus B tanh [(G ) } (16)

i . . 172
" reaction rate of particles (G’)
at annulus surface

where Svp denotes the surface area of active particles per unit volume; Sh, is the Sherwood number
of a single particle in a cloud; f, is the mass fraction of active particles in the annulus. The reaction
rates of particles at the annulus surface can be considered the same as that of single particles in the
dilute phase.

*  Gas mixing of secondary air

The SA jet usually deflects at a certain depth and flows parallelly with the mainstream;

meanwhile, the oxygen from the jet mixes gradually into the surroundings. The trajectory of SA is
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similar to a quadratic curve. Yang et al. argue that the penetration depth of SA (/sa penc) corresponds
to the point where the deflection angle is about 80°, and propose an empirical correlation as follows

[80]:

2 0.5

lSA,pene — 17255 _pg,SAUg,SA _ (17)
Ul+p,(1-2)U;

SA in pg,ﬂue g pP ( (C,‘) p

where dsa,in 1s the diameter of SA inlet; Ugsa denotes the SA injection velocity; pgsa and pg flue are

the densities of SA and flue gas, respectively; Ug / ljp denote the mean gas/particle velocity across
the furnace.

Wang et al propose an empirical correlation to describe the attenuation of gas concentration in
SA jet center [81], which is applied here to roughly estimate the distribution of oxygen in the cells

located SA inlets:

0.5d,, -1
fur SA ,pene _O7lj (18)

SA,in

—EinliNan0) exp£—0.66

’hoz SA

where m,, ¢, denotes the total oxygen inflow rate with SA; dfur is the depth of the furnace.
The residual oxygen carried by SA is assumed to be linearly distributed over a certain height
(Has,5). Namely, when the SA jet reaches a certain axial position (assuming 80% of the radius of the
furnace), it cannot be distinguished from the mainstream, and the corresponding height is expressed

as:

tan(80°)
SAJ — 21—

SA pene

(0.8lmid’fur )2 +Hg, (19)

2.4 Heat transfer and Energy balance (1-D)

The energy balance of cell i is written as:
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ZQin' _ZQOut’ +ZQ i _Zth’ =
ZQm = Oreatr) T Woresizty T Woup(ionPsion) ¥ Wesown(ionPsion)  Wgup(ion (i (20)

Z Qout - sdram me)hs(i:me) + VVS, h s(i=1) + I/Vsup(')hs(i) + I/Vs,down(z h s(i) + I/Vgup( )hg(z)

where Oin and Qoue denote the heat flow accompanied by the flow of solids and gas; QOfeed represents
the heat input from raw fuel and hot air; Or denotes the reaction heat; Ons denotes the heat adsorbed
by heating surface. 4s and 4 are the sensible enthalpies of solids and flue gas, respectively.

The heat transfer from bed to heating surface in a CFB boiler is affected by several factors:
heater configuration, flue gas velocity, gas properties, solid concentration near the wall, and bed
material properties. Lyu et al. [82] proposed a semi-empirical model to estimate the local heat transfer

coefficient, which has been used in the design of CFB boilers with a vast capacity:

=K, 45, AT (21)
A
L: ! +Lﬂ+% +i+L (22)
K, K] K, A4 Ao A K,

where Kn represents the total heat transfer coefficient; AT is the temperature difference between
furnace and working medium; K| denotes the nominal heat transfer coefficient from bed to wall;
Kt denotes the heat transfer coefficient at working medium side; 4sp and As r are the heating surface
areas at flue gas side and working medium side, respectively; Jsn and or are the thicknesses of fin and
refractory castable, respectively; Asn and A: are the heat conductivities of steel cylinder and refractory

castable, respectively; K. denotes the heat transfer coefficient of contamination on heating surface.

3. Field tests

The field test data from three different commercial CFB boilers are applied to validate the CFB

combustion model developed in this study, one 135 MWe. super-high pressure CFB boiler (BD-135),
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one 350 MW, supercritical CFB boiler (HP-350), and one 550 MW, ultra-supercritical CFB boiler
(SC-550). The main structure of these boilers and the layouts of some in-furnace pressure/temperature
measuring points are shown in Fig.S1 (SM). The BD-135 and SC-550 boilers have been described in
detail in previous studies [57, 58]. The HP-350 boiler is located in China, of which the main steam
pressure and main steam temperature under BMCR condition are 25.31 MPa and 571 °C, respectively.
Other than the low-NOyx combustion and limestone in-situ desulphurization, the SNCR and WFGD
systems are also arranged to maintain the stable up-to-standard NOx and SO, emissions of this boiler.

The ultimate and proximate analysis of the fuels burned in the field tests is listed in Table 2. The
ash formation characteristics of these fuels, i.e., PAPSD matrixes and ash particle attrition rate

constants, are shown in Fig. S2 (SM).

Table 2 The ultimate and proximate analysis of fuels

Proximate analysis / % Ultimate analysis / % Qarnetp
M, ar Aar Var Fi Car Car H. ar Oar N, ar Sar /M 'kg-I

Boiler Fuel

BD-135 Bituminous 1  10.03 46.23 22.02 21.72 3281 264 7.11 0.76  0.42 13.20
HP-350 Bituminous2  6.51 42.53 16.66 3430 40.81 2.5I 498 036 2.29 14.50
SC-550 Lignite 2494 533 3435 3538 5025 397 1434 083 034 20.20

The PSDs of feeding fuel and limestone are shown in Fig. S3 (SM). Some other main operating
parameters during the test are listed in Table 3. For the SC-550 CFB boiler, the heating surface
structure and working medium parameters are unavailable; namely, the heat transfer coefficient and
the in-furnace energy balance, cannot be calculated accurately. However, according to industrial
practice, the temperature inside a CFB boiler furnace is nearly uniform under high load conditions
[1, 38]. Hence the cells in the riser of this boiler can be roughly considered to have the same

temperature (simulation input).
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Table 3 Main operating parameters of the three CFB boilers in field tests

Item BD-135 HP-350 SC-550
Boiler load / MW 131 199.5 507.5
Coal feeding rate / kg-s™! 28.0 36.9 69.3
Calcium sulphur ratio 2.8 2.5 2.5
Furnace pressure drop / kPa 4.5 7.5 5.0
Excess air coefficient 1.13 1.12 1.17
Primary air ratio” / % 50 55 60
Ratio of air from upper SA inlets / % 16 11 13
Ratio of air from lower SA inlets / % 16 21 15
Water wall
338 296~372 -

(& water-cooled panel)
Temperature of

. . . 429 to 502 (2"9)
working medium / °C  Superheater (in-furnace) 391 to 481 -
482 to 551 (3')
Reheater (in-furnace) 461 to 539 430 to 551 -

* The BD-135 CFB boiler also has middle SA inlets. Other than the primary air and secondary air, there are other

air sources such as fluidization air below loop seal, air flowing with feeding coal, etc.

Field test results include the temperature/pressure axial profiles in the furnace; PSDs of fly ash
sampled from fly ash silo, bottom ash sampled after slag cooler (BD-135 & HP-350) or from
conveying belt (SC-550), and circulating ash sampled from loop seals (BD-135 & SC-550) or before
cyclone inlets (HP-350); some gaseous species concentrations, etc. The gas concentrations were
recorded from the Continuous Emission Monitoring System (CEMS) directly. The O> measuring
points are set in the outlet of cyclones, while the NOx emission values were taken from the measuring
points set before the FGD tower (BD-135 & HP-350) or SCR reactor (SC-550); meanwhile, the

SNCR systems were stopped during the tests.

4. Results and discussion

4.1 Model validation

The operating parameters of the field tests are used as the model input parameters for comparison.
Meanwhile, the fuel properties vary from case to case, which should be obtained by specific
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experiments, involving ultimate and proximate analysis, physical properties of fuel and char (like

particle density), ash formation characteristics (obtained by SCCS method), fuel devolatilization, and
char reaction kinetics (obtained by bubbling bed or fixed bed experiments, as listed in Table.S5 (SM)),
etc. Other built-in model parameters should be kept the same for different simulation cases. Namely,

when simulating a new combustor, in addition to operating parameters and fuel-specific input, no

other model parameters can be trimmed freely.

Some characteristic field test data, including the medium diameter (d(0.5)) of sampled ash,
unburned carbon content in fly or bottom ash, NOx and SO> emissions, etc., are compared with the
simulation results, as listed in Table 4. It is seen that most simulation results for different CFB boilers
are in good agreement with the test results. Fig.3 and Fig.4 also show that the model satisfactorily
predicts the PSDs of bed materials, axial temperature profiles, and pressure drop distributions alone
furnace. It indicates that the mathematical CFB combustion model developed in this paper is reliable

to be applied to further study the effects of operating conditions on the pollutant emissions for a CFB

combustor.
Table 4 Comparison of some simulation results with field test data
Ttem BD-135 HP-350 SC-550
Model Exp. Model Exp. Model Exp.
d(0.5) of fly ash / um 53.5 48.7 323 46.8 16.2 15.6
d(0.5) of bottom ash / pm 578.9 - 565.1 509.3 200.5 207.9
d(0.5) of circulating ash / pm 162.9 167.7 108.0 106.8 142.9 139.2
Mass flow ratio of fly ash to bottom ash 1.25 1.50 0.68 - 1.42 1.65
Carbon content in fly ash / % 3.56 3.22 1.74 1.89 2.77 2.71
Carbon content in bottom ash / % 1.65 1.81 2.69 2.44 0.77 0.68
Coz in outlet of cyclone / % 2.65 2.60 2.53 2.45 3.07 3.08
Cnox in outlet of cyclone / mg-Nm 222 221 56 53 365 374
Csoz in outlet of cyclone / mg-Nm3 421 - 1209 1124 61 56

* The relevant field test data were not obtained.
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4.2 Comparison of three simulation cases

The NOx emission is significantly affected by many operation conditions of the CFB boiler. For
instance, the increase of primary air ratio or furnace temperature usually leads to an increase in NOx
emission [6-11]. In addition, some studies have found that the NOx emission of CFB combustors is
positively correlated with the fuel volatile content [83]. The SC-550 boiler adopted a high primary
air ratio (~60 %), and the furnace temperature of the BD-135 boiler was relatively high (~ 950 °C).
Meanwhile, coals burned in these two boilers both have high volatile contents. Hence, the NOx
emissions of the SC-550 boiler (374 mg-m™) and BD-135 boiler (221 mg-m™*) were much higher than
the HP-135 boiler (53 mg-m™). In fact, NOx emission characteristics for the CFB combustion are
much more complex than the above analysis. Any design or operating parameter adjustment, such as
cyclone efficiency, feeding coal or limestone size, etc., may lead to the difference in final NOx
emission. More detailed analysis needs to be conducted in the future.

Fig.5 presents the simulated axial profiles of O, CO, and NO concentrations in different CFB
boilers. The results shown in these figures are the cross-sectional average gas concentration at a
corresponding height. For the bubbling bed and splash zone, the pure gas channels (bubble phase or
bubble jet centers) and particle-rich areas (emulsion phase or dense suspension region around bubble
jets) coexist. As shown in Fig.6, in the emulsion phase at the bubbling bed, the oxygen and nitric
oxide contents decrease significantly in height, while the CO concentration is pretty high. For the
bubble phase, due to the weak heterogeneous reactions, the gas concentration variation is much more

moderate. Since the gas compositions are different between the bubble phase and emulsion phase, an
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alternative reducing and oxidizing atmosphere can be observed above the dense bed as the bubbles

burst.
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Fig.5 The simulated axial profiles of O, CO, and NO concentration
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Fig.6 The axial profiles of gas concentration in two-phase regions at the bottom furnace (HP-350)

(Solid line: particle-rich areas; dotted line: pure gas channels)

Fig.5(c) shows that large amounts of NO are generated in the lower part of the furnace, and the

peaks of Cno profile are located in the air distributor acting zone (HP-350), above the dense bed

surface (BD-135) or near secondary air inlets (BD-135 & SC-550). The specific distribution form is

affected by many factors, e.g., fuel properties (especially volatile content), feeding coal PSD, layouts

of coal inlets and SA inlets, etc. For instance, due to the high volatile content and good fragmentation
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and attrition performances, the Indonesian lignite has a fine primary particle size and a rapid
devolatilization rate. Hence, nearly 80% of total volatiles (volatile-N) in the SC-550 CFB boiler are
released near the coal inlets, as shown in Fig. S4(c) (SM). Meanwhile, the lower SA inlets are close
to the coal inlets in this boiler. Thus a large amount of NO is generated near the SA inlets, and a
unimodal distribution of NO concentration along furnace height is presented. However, for the BD-
135 CFB boiler, a considerable number of large coal particles stay in the bottom dense bed, and nearly
30% of volatiles are released here. The lower SA inlets are also close to the dense bed surface. In
addition to gas dilution, part of NO generated in the dense bed may be reduced by the volatile-N (such
as NH3) released near coal inlets, leading to a rapid decrease of NO concentration above the dense
bed surface. While, for the higher region located upper SA inlets, some NO is generated due to the
continuous oxidation of char-N or volatile-N, and another NO concentration peak is formed.

Nevertheless, for all three cases, the Cno gradually decreases in the upper furnace. It is because
almost all volatiles (-N) are released and wholly combusted in the bottom furnace, while the
heterogeneous reduction of NO (like char-NO reaction) becomes predominant in the dilute phase
zone. This trend has also been proved in many field tests [12, 84, 85].

Some other simulation results are given in the Fig. S4 ~ Fig. S8 (SM), including the residence

time of different size particles, axial distributions of voidage, mean particle size and volatiles, etc.

4.3 Sensitivity analysis

The integral CFB combustion model contains many parameters, including chemical kinetics,

gas-solid two-phase flow parameters (such as bubble size), gas mass transfer coefficients, heat
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transfer coefficients, and model structure parameters (such as cell division), etc. The determination
of each parameter has discrepant effects on the simulation results.

Fig.7 shows the sensitivity of calculated final NOx emission to some main heterogeneous
reaction kinetics, involving the ratio of HCN to NHj3 in volatile-N (ancnams3), fast nitrogen release
kinetics (kn, which is related to the distribution of fuel-N), char combustion reactivity (kc-o2), char
CO2» gasification reactivity (kc.co2), the ratio of CO to COz in the products of char combustion (ac-
02), char-NO reactivity (kc-no), catalytic reduction of NO on ash surface (ka-No), catalytic oxidation
of CO on CaO surface (ki-co), catalytic hydrolysis of HCN on CaO surface (kL-ncn), catalytic

oxidation of NH3 on CaO surface (kL-~n3) and catalytic reduction of NO on CaO surface (kL-no).
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Fig.7 Sensitivity analysis of some heterogeneous reaction kinetics for the CFB model

It indicates that kn, kc-02, and kc-no, namely, the yield of volatile-N and char reactivities, have
significant impacts on the NOx emission for CFB combustion, whereas these chemical kinetic
parameters are closely related to the fuel type. Hence, to ensure the reliability of model predictions,
it is better to determine these parameters for different kinds of fuel by separate experiments.

Fig.8 and Fig.9(a) show the sensitivity of calculated final NOx emission to the gas mass transfer

coefficients and some fluid dynamic parameters, respectively. Fig.9(b) further illustrates the effects
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of gas-solid fluidization state on the in-furnace combustion efficiency. In Fig.8, Kook ,Keg, G,
K, 1 and K¢ sin denote interphase mass transfer coefficient between bubble phase and emulsion phase,
mass transfer coefficient in emulsion phase, group reaction number towards annular region (the mass
transfer resistance will be greater if G’ become higher), mass transfer coefficient for clusters in core
region and mass transfer coefficient for single particles in core region. In Fig.9, Hp;, ds, o, Hai,
Isapene and Wsyp denote penetration depth of jets from nozzles (height of air distributor acting zone),
bubble size, volume fraction of bubbles, length of jets induced by bubble breakage, penetration depth

of SA and total upward solid flow rate. Note that op is only increased by 25% for avoiding o5 > 1.
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Fig.8 Sensitivity analysis of gas mass transfer coefficients for the CFB model
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Fig.9 Sensitivity analysis of some fluid dynamic parameters for the CFB model
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The sensitivity analysis shows that the final NOx emission seems insensitive to the particle
external gas mass transfer coefficients. However, the variation of the local gas-solid fluidization state
has significant effects on the combustion and NOx emission. For instance, when the Hpj is high (more
primary air or fewer nozzles), the contact between large fuel particles and oxygen in the bottom
furnace is sufficient, which contributes to reducing the char content in bottom ash and the heat loss.
While the reducing atmosphere is also weakened, and the NOx emission may increase. Suppose the
solid suspension density in the splash zone increases or the secondary air inlet velocity decreases, the
Isapene generally decreases. In that case, the fresh oxygen diffusion will be difficult, resulting in an
enhanced reducing atmosphere in the upper furnace and a reduction in NOx emission. Nevertheless,
combustion efficiency is inevitably affected.

All these sensitivity parameters are related to the operation conditions of a CFB combustor. The
adjustment of fuel properties, cyclone efficiency, feeding coal size, air staging, etc., usually leads to
simultaneous changes in the characteristics of local gas-solid two-phase flow, heat, and mass transfer,
which may have significant effects on the atmosphere or temperature distributions inside the furnace.
Consequently, the nitrogen-containing reactions’ rate and the final NOx emission are affected. For
this intricate nonlinear system, the effects of an operating parameter on various intermediate
processes may be discrepant, even opposite. Thus the presented variation trend of NOx emission is
sometimes non-monotonous and unfixed. It brings many difficulties for the systematical analysis of

a CFB combustor and optimizing the operating conditions to minimize the pollution emission.
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5. Conclusions

The paper has established a comprehensive 1-dimensional/1.5-dimensional hybrid mathematical
model for CFB combustion, which integrates the chemical reaction, fluid dynamics, and heat transfer.
Developed CPD-NLG devolatilization model and 0D/1D hybrid particle model are applied to
describe fuel/char/lime reaction processes, as well as the heterogeneous nitrogen conversion. The
particle age is introduced in modeling bed material balance, thereby considering the reaction state
variation of active particles over time. Besides, a detailed chemical kinetic mechanism is necessary
to calculate the homogeneous reactions. For the fluid dynamics in a CFB combustor, the local gas-
solid fluidization state and gas/heat transfer conditions in different regions of a CFB combustor are
fully taken into accounts, such as the agitation of nozzle jet near air distributor, bubbling behavior in
the bottom bed, gas mixing caused by bubble breakage and secondary air injection in the splash zone,
core-annular flow structure and cluster characteristics in freeboard.

This integral CFB combustion model is validated against the field test data obtained from three
commercial CFB boilers, a 135 MW, super-high pressure CFB boiler, a 350 MW, supercritical CFB
boiler, and a 550 MW_. ultra-supercritical CFB boiler, involving particle size distributions, furnace
temperatures and pressures, pollutant emissions, etc. The final NO emission and gas profiles are
somewhat different among the cases, which may be attributed to the discrepancy in boiler structure,
fuel properties, and operating conditions. In addition, a sensitivity analysis is carried out focusing on
model parameters. Results show that some chemical kinetics and parameters about gas-solid two-
phase flow significantly impact the NOx emission for CFB combustion, such as the proportion of
volatile-N in total fuel-N, kinetics about char reactions, gas flow distribution between phases, bubble
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size, secondary air penetration depth, etc. However, the NOx emission seems insensitive to the particle
external gas mass transfer coefficients.

This model provides a good starting point for further analyzing the CFB combustion
characteristics and minimizing the pollution emissions through operation optimization. In addition,
future studies can consider carrying out elaborate experiments or more detailed calculations to
validate the sub-models and assumptions applied in this paper. More field test data collected in large-
scale commercial CFB combustors are also necessary to improve the reliability of the integral CFB

combustion model.

Nomenclature
Abbreviation
CFB circulating fluidized bed PAPSD primary ash particle size distribution
SA secondary air SCCS static combustion and cold sieving
Symbols
. heating surface areas at flue gas side /
) 2
A cross-sectional area (m?*) Asp /! Asg working medium side (m?)
. o gas concentration in ambience / particle
C, gas concentration (kmol-s™) Coo/ Cgs surface (kmol-s)
D, ?g? .Cst_ll\)/e pore diffusion coefficient Dy molecular diffusivity of gas (m?s!)
dp particle size (m) dal cluster diameter in core region (m)
ds bubble diameter (m) dsain diameter of SA inlet (m)
dfur equivalent diameter of furnace (m) f mass fraction of particles in cell (-)
fs roughness factor for solids (-) G' group reaction number (-)
H height (m) Hsa g height of SA influencing area (m)
' penetration depth of jet from air ' Length of jets induced by bubble
Di distributor (m) B breakage (m)
h sensible enthalpy (kJ-kg!, kJ-kmol) k chemical reaction rate constant
K total heat transfer coefficient (W-m- K nominal heat transfer coefficient from
h 2K b bed to wall (W-m2-K-)
heat transfer coefficient at working heat trapsfgr coefficient 0 f
Kr medium side (W-m2-K-1) K. contamination over heating surface
(W.m—Z.K-l)
K, mass transfer coefficient (m-s™) IsA pene SA penetration depth (m)
M mass holdup (kg) MW molar mass (kg-kmol™")
. 1 1 - injected gas flow rate (including fresh air
" mass flux (kg's™, kmol-s™) Mgin and volatiles) (kmol-s™)
My ran interphase gas transport (kmol-s™) Mo, sa &;)tal oxygen inflow rate by SA (kmols
0 heat flow (kJ-s™) Ons heat adsorbed by heating surface (kJ-s™)
0 heat released/consumed by chemical R chemical reaction rate (kmol-s!,

reactions (kJ-s™) kmol-m=3-s!, kg-s1)
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r particle radius (m) Sh Sherwood number
S surface area of bubbles (m?) Svs surface areﬁ of active particles per unit
volume (m™)
SCa0,e / effective specific area / initial specific
SCa0,ini area of lime particle (m?-kg™!) T temperature (K)
p time (s) Uy / Use gas \ff:locuy / superficial gas velocity
(m-s™)
Ug {r)lean gas velocity across furnace (m-s Ussa SA injection velocity (m-s™)
particle velocity / superficial particle 7 mean particle velocity across furnace
Up / Usp . -1 Up -1
velocity (m-s!) (m-s)
Uss superficial slip velocity (m's™) Uy particle terminal velocity (m-s™)
W total solids/gas flow rate across furnace X, sulphation conversion rate of lime
(kg's!, kmol-s™) a0 particle (-)
Vied primary particle size distribution (-)
Greek symbols
a molar ratio Ll cluster fraction in core region (-)
y recombination efficiency of radical Oa thickness of annulus (m)
Stn | 6. the thicknesses of fin / refractory A difference
castable (m)
& bed voidage (-) ¢ segregation index (-)
cyclone separation efficiency (-) effective reaction coefficient of near-
ey y p y et wall active particles (-)
effectiveness factor for interparticle Ao/ A heat conductivities of steel cylinder /
o diffusion (-) fin 77 refractory castable (W-m™-K1)
u dynamic viscosity (Pa-s) p density (kg'm)
o volume fraction (-) D, Thiele modulus of spherical particle (-)
v particle axial distribution (-) Qsyy E:I(;llll)s ion cross section per unit volume
Subscripts
a/c annular region / core region (upper abra particle abrasion
zones)
ar in received basis cyc cyclone
den dense bed down downward solid materials
drain discharge of bottom solid materials E/B EI;S;]SIOH phase / bubble phase (bubbling
bubble jet center / jet surroundings dilute phase zone / cluster (core region
J/S f/cl )
(splash zone) in upper zones)
feed input solids/gas/heat fines fine particles generated by abrasion
fur furnace fly escaped solid materials
g gas phase i cell
J particle group k particle age group
m chemical component mf minimum fluidization state
p particle T chemical reaction
redu particle reduction RE re-circulating solid materials
S solid bed materials sin single particle
shift particle attrition up upward solids/gas
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